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Thesis Title : Features of steam methane reforming and hydrogen separation in a
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Hydrogen is a critical element in the global energy transition, offering a cleaner alternative
to fossil fuels. Currently, steam methane reforming (SMR) is the most widely used
technology for hydrogen production, accounting for over 90% of global supply. However,
the SMR process produces significant carbon emissions, limiting its environmental
benefits. To address this, integrating SMR membrane reactors (MR) has emerged as a
promising solution for producing hydrogen that minimizes greenhouse gas emissions

through carbon capture and separation.

This study investigates the impacts of various operation and design parameters on
hydrogen production in a membrane-based steam methane reformer (SMR) with a shell-
and-tube design. The catalytic bed on the shell side facilitates reforming reactions to
produce hydrogen, and the membrane tubes are arranged in a square configuration to purify
the produced hydrogen. A computational fluid dynamics (CFD) model of a nickel catalyst-
packed SMR was developed and validated against experimental data from the literature.
Methane conversion and hydrogen recovery were analyzed across a range of conditions,
including different pressures, membrane tube diameters, feed gas flow rates, and

concentrations. The study also examines the impact of flow configurations—counter-

XX



current and co-current—on reactor performance. Ultimately, this research aimed to
optimize SMR design and operation, providing insights into scalable industrial applications

to enhance hydrogen production efficiency.

The results demonstrated that introducing sweep flow enhances methane conversion and
hydrogen recovery, although maximum methane conversion is observed when the sweep
flow rate is equal to feed flow rate. Higher hydrogen recovery is observed when sweep
flow exceeds the feed flow rate. Methane conversion decreased from 0.42 at 5 bar feed
pressure to 0.29 at 15 bar, while hydrogen recovery and selectivity improved with pressure,
reaching values of 0.12 and 0.14, respectively, at 15 bar. Higher feed flow rates led to lower
methane conversion and hydrogen recovery due to decreased reaction time. Co-current
flow outperforms counter-current flow in methane conversion. Larger tube diameter
configure has the highest methane conversion, and smaller tube diameter configure has the
highest hydrogen recovery and selectivity across all pressures. Increasing the shell volume
increases hydrogen recovery and methane conversion, while the smaller shell volume

increases the hydrogen selectivity.
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CHAPTER 1

INTRODUCTION

1.1 Background

The rapid global population growth has significantly increased energy demand,
encouraging the exploration of alternative energy sources to meet these needs. Recent
research highlights hydrogen as a viable megawatt-scale alternative to fossil fuels,
particularly for electricity generation. Various production methods, including electrolysis,
partial oxidation, steam reforming, and biomass gasification, have demonstrated the

capability to produce hydrogen on a conventional scale.

Steam methane reforming (SMR) is one of the most efficient and widely used technologies
for hydrogen production, mainly due to the abundance and affordability of natural gas.
However, SMR releases significant carbon emissions, which contribute to greenhouse
gases. Another method, partial oxidation (POX), involves producing hydrogen and carbon
monoxide by reacting hydrocarbons with oxygen. Furthermore, combining POX with

steam reforming in a single reactor produces the Autothermal Reforming (ATR) process.

Hydrogen can also be produced via water electrolysis, a process in which an electrical
current is used to split water molecules into oxygen and hydrogen. This method allows for
hydrogen generation close to the point of use, avoiding the costs and energy demands of

long-distance transportation. When powered by renewable energy sources, it results in zero



carbon emissions. Additionally, biomass can be converted into hydrogen and other

byproducts through high-temperature gasification.

Hydrogen is classified into different colors based on its production method and

environmental impact. Some commonly recognized hydrogen colors include:

- Grey-Hydrogen produced without carbon capture from conventional fuels,

- Pink-Hydrogen uses nuclear energy.

Blue-Hydrogen with capturing carbon and storing it,

Green-Hydrogen uses sustainable energy sources

Table 1 highlights some hydrogen production methods' advantages (merits) and demerits.

Table 1: Merits and demerits of various hydrogen production methods.

Ref. Method Merits Demerits Color
Mature technology, o )
Steam Methane ) _ _ CO:2 emissions, fossil fuel
[1] ) economically viable, high Grey, Blue
Reforming (SMR) o dependency
efficiency
Partial Oxidation Variety of feedstocks, Lower hydrogen yield,
[2] ) o Grey, Blue
(POX) simpler and faster than SMR CO. emissions
Better thermal efficiency, )
Autothermal ] Complex reactor design,
[3] _ suitable for large-scale ) o Grey, Blue
Reforming (ATR) ] high capital investment
production
Zero emissions if renewable _ o
) ) High electricity Green,
[4] Electrolysis energy is used, pure ) ) )
consumption, expensive Pink
hydrogen
Lower hydrogen yield,
) o Renewable feedstock, waste ) Brown,
[4] | Biomass Gasification extensive pre-treatment
management Grey

needed




) Green (if
_ Renewable feedstocks, low Low hydrogen yield, not _
[5] Photo fermentation ) ] ) organic
energy requirement commercially viable

waste)

5] Photoelectrochemical Direct solar to hydrogen Still in the research phase, G
reen
Splitting conversion, zero emissions low efficiency, high cost

Currently, hydrogen is primarily produced through various steam reforming processes,
which account for approximately 90% of global hydrogen production, achieving up to 75%
efficiency [6]. This makes the steam methane reforming process the second most efficient
method, following electrolysis, which operates at around 80% efficiency [4], [7]. Among
all production methods, steam methane reforming offers the most cost-effective way for

hydrogen generation [4].

Methane is combusted in gas turbines or steam generators, producing less carbon dioxide
compared to other fossil fuels used for power generation. In addition, converting methane
into non-toxic hydrogen offers a cleaner fuel option with significant advantages in storage
and transportation over traditional fossil fuels. Hydrogen combustion for electricity
generation is a promising green energy source, delivering an energy yield up to 2.7 times
higher than fossil fuels [4], Moreover, hydrogen combustion produces only water as a by-
product, unlike the direct combustion of methane, which releases carbon dioxide—a major

greenhouse gas—into the atmosphere [7].




1.2 Motivation

Steam methane reforming is considered the top practical method for hydrogen production,
making it essential to study membrane reformers (MR) for potential future scale-up. The
rising need for hydrogen as a green energy source and alternative fuel, along with its appeal
for ammonia and methanol production, underscores the need for efficient SMR processes
[8].

Operating conditions in membrane reformers, including temperature, pressure, and inlet
steam-to-carbon (S/C) ratio, significantly influence reactant conversion, product yield, and
hydrogen recovery rates. Investigating the impact of each parameter independently is
crucial for optimizing the process and determining the ideal S/C ratio. The energy required
for steam generation is another crucial factor in evaluating the net energy output and the
overall efficiency of the SMR process. Additionally, ensuring complete methane
conversion is vital to prevent methane leakage, which significantly contributes to
greenhouse gas emissions.

Current studies on membrane reformers for blue hydrogen production have focused on
various operating conditions. However, limited research has examined how reactor design
affects methane conversion across different input concentrations, temperatures, and
pressures. Moreover, there is limited investigation into how reformer volume influences
hydrogen flux rate.

To address this gap, this study proposes optimizing the membrane reformer system by
evaluating the advantages of sizing the reformer volume, particularly in the permeate zone.
In the retentate zone, hydrogen permeation is restricted to a narrow region near the

membrane’s surface, where operational factors like the S/C ratio have minimal impact on



this region’s width [9]. This research aims to bridge the existing knowledge gap and

advance membrane reformer design to improve hydrogen production efficiency.

1.3 Objectives

The specific objectives are:

o Design an integrated shell-and-tube reformer membrane reactor system to produce blue

hydrogen by steam methane reforming.

o Develop a computational fluid dynamics (CFD) model that simulates the SMR process

and hydrogen separation within the integrated reformer-membrane reactor system.
« Validate the CFD model with data from the literature.

« Analyze the effects of various factors, including flow configurations (counter-current
and co-current), operating conditions (temperature and pressure), membrane tube
diameter, tube pitch distance, and gas feed rates and concentrations on methane

conversion and hydrogen recovery.

« Propose a scalable and optimized reactor design for industrial applications, aiming to

enhance performance and maximize hydrogen output.



CHAPTER 2

LITERATURE REVIEW

2.1 Global Demands on Energy

The usage of renewable energy sources has significantly increased due to the rise in
worldwide energy demand. Figure 1 illustrates global electricity generation trends. In
2020, the COVID-19 pandemic caused a drop in global electricity production, interrupting
the steady rise observed in previous years. For instance, 22.8 PWh of electricity was
generated in 2012, compared to 28.5 PWh in 2021. Figure 2 shows the estimated
contributions of various energy sources to global electricity output. Coal remains the
dominant source of power generation worldwide, while nuclear and renewable energy
sources account for a substantial share of electricity production, particularly in EU nations.

[10].

The portion of renewable energy in electricity production worldwide has shown consistent
growth over the years. In 2016, renewables contributed 7.4% of the global power output,
rising to 12.8% by 2021. Figure 3 illustrates the total electricity generated from various
renewable sources, including wind, solar, biomass, geothermal, and others. Notably, solar
energy production has experienced significant growth during this period. In non-OECD
(Organization for Economic Cooperation and Development) countries, electricity
generated from solar energy has doubled every four years, rising globally from 582.8 TWh

to 1032.5 TWh.
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Figure 1: Electricity production (in PWh) across OECD, Non-OECD, EU, and the World [10].
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Figure 2: Global electricity production from 2016 to 2021 [10].
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Figure 3: Electricity production by renewable energy from 2018 to 2021 [10].

Oil and gas reserves, long regarded as the cornerstone of Saudi Arabia's energy sector, are
among the nation's most abundant natural resources [10]. Saudi Arabia ranks second
globally in terms of oil reserves and is a leading producer and exporter of oil. The
Kingdom's economy is heavily reliant on the oil and gas sector, which accounts for 90%
of export revenues, 70% of government revenues, and 50% of GDP [11]. Given these
figures, the oil and gas sector plays a central role in shaping Saudi Arabia's economic and

geopolitical influence.

Both electricity production and consumption in Saudi Arabia have steadily increased in
recent years. In 2019, the country generated 318.5 TWh of energy to meet a high demand
of 80.4 GW. The majority of this electricity (90%) was produced using fossil fuels,
primarily gas and oil. Figure 4 illustrates Saudi Arabia's energy production and

consumption trends from 2015 to 2022[12]. This continued reliance on fossil fuels



highlights the challenges the Kingdom faces in transitioning to more sustainable energy

Sources.
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Figure 4: KSA electrical energy production and consumption 2015-2022 [12].

2.2 Hydrogen Energy

Hydrogen recently unfolded as a highly promising renewable energy source, primarily due
to its potential to significantly reduce carbon emissions, contributing effectively to
mitigating global warming and climate change. Hydrogen serves various purposes,
including its role as an alternative to natural gas for household purposes and its use in

numerous industrial applications.

One of hydrogen's key advantages is its chemical properties, which facilitate renewable

energy storage, making it a viable alternative to gasoline and diesel. It is considered a



versatile energy source that supports daily human activities and enhances modern living.
However, since hydrogen gas is not naturally abundant, it is classified as an energy carrier

rather than a primary energy source [12].

Hydrogen is increasingly regarded as the "fuel of the future” and a sustainable alternative
to fossil fuels, reducing reliance on petroleum. This transition significantly lowers
greenhouse gas and carbon dioxide emissions, particularly in transportation. Hydrogen
boasts a high energy yield, with an efficiency of 2.75 times greater than conventional fossil
fuels. Its energy conversion efficiency for transportation is also notable, exceeding gasoline

by 2.5 times.

Additionally, hydrogen helps alleviate environmental issues by reducing air pollution
caused by carbon emissions from fossil fuels. Beyond its use as a transportation fuel,
hydrogen can be converted into electricity when needed, making it a versatile energy
solution. The growing interest in hydrogen-powered vehicles highlights its ability to store
more energy compared to gasoline, positioning hydrogen as a cornerstone of sustainable

energy innovation [12].

2.2.1 Hydrogen Production Cost and Economy

The global shift towards hydrogen as an energy source and environmentally clean fuel is
gaining momentum. Unlike gasoline, which releases harmful gases when burned, hydrogen
combustion results in water, which is harmless to the environment. However, for hydrogen
to be truly environmentally friendly, the method to produce it must also have minimal

environmental impact.
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Hydrogen costs can be divided into two categories: direct and indirect. Direct costs refer
to the expenses required to produce hydrogen, while indirect costs are associated with the
negative environmental impacts of hydrogen use, such as air pollution, global warming,
and climate change. [13]. Industries that emit gases contributing to these issues often face
high costs due to their environmental impact. To mitigate this, a tax could be imposed on
emissions that exceed permitted limits. Such taxes aim to make renewable energy more
cost-competitive while potentially increasing the cost of fossil fuel-based energy
generation. This approach encourages companies and societies to invest in renewable

energy technologies.

Based on the reviewed studies, electrolysis-produced hydrogen currently has the highest
production costs. In comparison, hydrogen derived from Steam Methane Reforming
(SMR) and SMR with carbon capture technologies is significantly cheaper, with
electrolysis prices more than double those of SMR-based methods. While the costs of
electrolysis are expected to decrease as technology improves, SMR and its variations will
likely remain the lowest-cost options through 2050 [14]. This cost disparity is largely due
to the established infrastructure and lower operational costs associated with SMR, as well

as the current inefficiencies in electrolysis at scale.

Currently, the cost of hydrogen production varies depending on the technology employed,
with SMR costs around $2.4/kg, Carbon Capture and Storage (CCS) priced at $2/kg, and
Electrolysis stands at $4/kg. However, by 2030, advancements in technology, economies
of scale, and increased investment in hydrogen production infrastructure are expected to
drive significant cost reductions. Projections indicate that the cost of SMR could drop to

$1.28/kg, SMR with CCS to $1.95/kg, and Electrolyzed Hydrogen to $2.16/kg. These
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developments highlight the growing potential for hydrogen to become a more accessible

and cost-effective energy solution shortly [15].

2.2.2 Environmental Impact

Rapid population growth and urban expansion have driven a significant surge in global
energy demand, prompting a global shift toward alternative energy sources to reduce
reliance on conventional non-renewable resources such as fossil fuels and natural gas.
Addressing the urgent need to decarbonize electricity generation and the transportation

sector is a critical priority.

Currently, over 100 technologies are employed for hydrogen production. Approximately
80% of these utilize steam conversion of fossil fuels, with 70% relying specifically on

steam reforming of natural gas [12].

The environmental impact of hydrogen production largely depends on the methods and
materials used in the process. Hydrogen produced from fossil fuels, which is currently the
dominant method, significantly increases carbon dioxide emissions and has an
environmental impact similar to that of directly burning fossil fuels. In contrast, hydrogen
generated from renewable sources, such as solar energy, has no adverse environmental

effects[13].

The SMR exhibited the most significant negative environmental impacts, making it the
least favourable method in terms of global warming potential and gas emissions. SMR also
recorded the highest abiotic depletion value, measured at 0.131 kg of anthracite equivalent,

surpassing all other hydrogen production techniques. In comparison, the electrolysis

12



method ranked second, with an abiotic depletion value of 0.00786 kg of anthracite

equivalent [16].

The SMR method had the most detrimental impact on ozone layer depletion, marking it as
the worst contributor to ozone layer depletion. The SMR method recorded the highest

carbon dioxide equivalent emissions, contributing approximately 12 kg [16].

2.3 Hydrogen Types

Hydrogen is categorized into different types based on the energy sources used for its
production Figure 5. Green hydrogen is based on renewable energy and has a negligible
greenhouse gas footprint. Pink hydrogen is derived from nuclear energy, also maintaining
a minimal footprint. Yellow hydrogen is generated using grid electricity from mixed

sources, resulting in a moderate greenhouse gas footprint.

In contrast, hydrogen production from fossil fuels employs various technologies, including
auto-thermal reforming, SMR, coal gasification, and pyrolysis. Blue hydrogen is produced
using conventional fuels like coal and natural gas combined with CCS, resulting in low
carbon emissions. Turquoise hydrogen, produced from natural gas, yields solid carbon as
a by-product and achieves minimal to low carbon emissions. Hydrogen produced from
lignite or black coal is named brown hydrogen and black hydrogen, which are associated

with high greenhouse gas emissions.

Additionally, hydrogen production through biomass gasification with CCS remains
uncategorized but is considered to have a potentially negative greenhouse gas footprint.

However, it offers the potential to reduce overall emissions [17].
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Saudi Arabia produces various types of hydrogen, including grey, blue, green, and
turquoise, as detailed in Table 2. This table provides a comparative summary of hydrogen
types, focusing on their production methods and environmental impacts based on the

findings of [18].
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Figure 5: Greenhouse gas footprint level of different hydrogen types [17].
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Table 2: Current state and potential of hydrogen types in KSA [18].

Hydrogen Form

Current state and potential in KSA

Grey

Saudi Arabia employs steam methane reforming in several processing
plants to produce grey hydrogen. However, this method is at odds with

the country’s sustainability goals, which aim to reduce carbon emissions.

Blue

With increasing investments in CCS technologies and abundant natural
gas resources, Saudi Arabia is well-positioned to lead in the production
of blue hydrogen. Initiatives such as the Saudi Carbon Capture and
Utilization Company and plans to develop the world’s largest carbon
capture facility demonstrate the country’s commitment to reducing

greenhouse emissions and advancing its sustainability goals.

Green

Saudi Arabia’s abundant solar resources and substantial investments in
renewable energy lay a strong foundation for green hydrogen production.
Although in its early stages, the country has potential for large-scale
production, driven by its ambitious renewable energy targets and

ongoing infrastructure development.

Turquoise

Saudi Arabia's substantial natural gas reserves and increasing investment
in renewable energy present potential for turquoise hydrogen. While still
in its early development and relatively costly, the country's established
renewable natural gas infrastructure underscores its strong positioning

for future advancements in this sector.
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Grey and blue hydrogen are currently the most prevalent forms of hydrogen production in
Saudi Arabia, mainly due to the nation's abundant natural gas reserves and reliance on non-
renewable energy sources. However, as the price of renewable energy drops and the
kingdom steps up its attempts to lessen its carbon footprint, interest in green hydrogen is

growing [18].

In the short to mid-term, the hydrogen economy in the Gulf Cooperation Council (GCC)
region is expected to primarily depend on blue hydrogen, capitalizing on the region's
abundant natural gas resources. However, with the anticipated decline in green hydrogen
costs by 2030, the focus is likely to shift towards green hydrogen in the long term. This
shift will leverage the GCC’s vast renewable energy potential, particularly solar and wind

power, which positions the region to play a key role in the global transition to clean energy.

The region boasts significant advantages, including expansive land availability, low-cost
natural gas, and a strategic geographic location. Nevertheless, several challenges remain,
such as heavy reliance on oil and gas revenues, limited involvement of the private sector,
and low domestic hydrogen demand. Additionally, exporting hydrogen to markets like
Europe may face obstacles due to high landing costs and potential regulatory hurdles,

which could impact the competitiveness of the region's hydrogen exports.

Despite these challenges, the hydrogen economy presents substantial opportunities for the
GCC, including reducing carbon emissions, attracting investment, and generating
employment. However, slow progress in transitioning and competition from faster-moving
countries could threaten the region's potential leadership in the global hydrogen market

[19].
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2.4 Steam Methane Reforming

Steam Methane Reforming SMR is a widely used method for producing hydrogen by
breaking down methane gas into hydrogen and carbon monoxide. In the reformer, methane
reacts with steam, which provides the required energy for the reaction. SMR offers several
advantages over alternative methane reforming methods, such as being more energy

efficient compared to dry methane reforming [20].

During the process, natural gas methane, along with steam, is introduced into a preheated
reactor at a temperature range of 700-900 °C. The endothermic reaction between CH4 and
steam occurs over catalyst beds in a series of reactions. Keeping the high temperature
required for the reaction typically involves supplying heat either by burning a portion of
the methane feedstock or utilizing external heat sources such as electrical heaters or the

combustion of auxiliary fuel.

The resulting product stream is first cooled before entering the exothermic water-gas shift
reactor, where CO reacts with H20 to produce CO: and additional hydrogen. This shift
process occurs in two stages: a high-temperature shift reaction at approximately 400 °C,
followed by a low-temperature shift reaction at around 200 °C [7]. Finally, the hydrogen
is purified in a separation unit. During the high-temperature stage, the reaction is driven by
the elevated temperature, while the low-temperature stage allows for the further conversion
of CO to CO-, enhancing the overall hydrogen yield. Finally, the hydrogen is purified in a
separation unit, where impurities such as CO. and CH4 are removed to ensure the

production of high-purity hydrogen.
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Several parameters significantly influence the design of the SMR process, including
pressure, temperature, inlet steam-to-methane ratio (S/C), and the physical properties of
the catalyst. A thorough understanding of the impact of each variable on the steam reformer
is crucial for optimizing hydrogen yield, achieving maximum methane conversion, and

minimizing the energy required for the process.

At low S/C ratios, excess methane and hydrogen produced during the reforming reaction
proceed to the purification stage. During this stage, methane is combusted with oxygen to
purify the hydrogen and generate additional heat. This heat is then recycled back to the
main reactor, supported by an independent steam supply, to facilitate the conversion of
fresh methane. At a reforming temperature of 1100 K and a pressure of 26.32 bar, an S/C
ratio of 4 has been identified as the optimal stoichiometric ratio for high reforming

temperatures [21]

In molecular simulation studies based on equilibrium data [22], the effect of the steam-to-
carbon (S/C) ratio on the SMR process was analyzed. It was observed that increasing the
S/C ratio enhances the conversion rate of CHa4 and the yield of H.. At an S/C ratio of 3 and
a pressure of 1 atm, CHa4 conversion showed a linear increase with temperature. At 1073
K, the conversion rates were 89.25% for CH4 and 91.97% for H-O, with a H: yield of 2.7
mol/mol CHa. The yield of CO: peaked at approximately 830 K before declining due to the

exothermic nature of the water-gas shift reaction.

The study also revealed that CHa conversion decreases exponentially with increasing
pressure at 873 K and an S/C ratio of 3 [22]. Regarding inlet conditions, inlet pressure had

a negligible effect on methane conversion, whereas raising the inlet temperature positively
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influenced hydrogen yield. Conversely, an increase in the inlet flow rate led to a decrease

in hydrogen production [21].

2.4.1 Catalyst

Nickel (Ni) is a widely used metal catalyst for the SMR due to its affordability compared
to other commercial catalysts, high activity, and good resistance to coke formation. Ni/a-
Al20:s is particularly preferred because it ensures a uniform temperature distribution during
the chemical reaction [23]. The reactor's gas molecules encounter minimal resistance when
diffusing to the nickel active sites, enabling the hydrogen reforming reaction to occur
simultaneously across porous surfaces. Nickel's high activity even at lower temperatures

allows for reduced reactor volume, lower heat input, and shorter gas-phase residence times.

Nickel also offers excellent corrosion resistance, supported by its large pore structure, and
remains stable with a long operational lifespan under high-temperature and oxidative
environments [24]. In conventional SMR processes, a regeneration step is required after
the catalyst reaches its mature operating time, as its activity diminishes due to fouling. This
loss of activity is often caused by blockages from carbon dioxide and impurities in

feedstock, such as sulfur [7].

2.4.2 Reaction Kinetics

The conversion rate of reactants to products in SMR relies on the concentration of
reactants, pressure, and temperature. Typically, the rate-determining step (RDS) involves
the reactions occurring at the active sites within the catalyst's pores [25]. In SMR, the
process is governed by three primary global reactions (1), (2), and (3) that occur at the

active sites, which are identified as the RDS.
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Although methane reforming follows a more complex heterogeneous reaction mechanism
involving up to twenty steps, these ultimately converge into the three main RDS. The
simplest representation of SMR is an endothermic reaction occurring at 650—750 °C, driven
by the thermal energy of steam. This process favors the forward reaction, increasing the
yield of purified hydrogen [26]. Additionally, WGS a secondary step occurs at 200—400 °C
(reaction 2). This reaction produces an additional hydrogen molecule and results in the

formation of carbon dioxide, yielding a total of four hydrogen molecules.

H,0 + CH,& 3H,+ CO AHyog x = 206 kJ /mol (0
CO + H,0 & CO, + H, AHyoq . = —41 kJ /mol 2
2H20 + CH4_ (=14 4‘H2 + COZ AH298K - 165 k]/m0l (3)

k, P P PI?IZ Pco
(DEN)2

rp = (4)
k, Py, Pco
22 (p.. P _ _Hp"COp
Py ( co Pu,0 K,
r, = (DEN)?2 (5)
k3 P PZ Pﬁchoz
pas (For B0 — =
r; = 7 (DEN)2 (6)
DEN =1 + KCOPCO + KHZPHZ + KCH4PCH4_ + KHZOPHZO/PHZ (7)

The rate equations for SMR were initially derived by Xu and Froment, incorporating a

dimensionless parameter, DEN, which accounts for the reaction dynamics [27]. This

21



foundational study on SMR reaction kinetics, followed by the exothermic WGS reaction,
remains a key reference in modern research. It effectively accounts for the effect of steam
partial pressure on the reaction kinetics and the diffusion resistance of reactant molecules

toward the catalyst's active sites [28].

To determine rate constants and activation energies, experiments are conducted using a
preheated tubular reactor loaded with Ni/MgAl:O. catalyst particles (0.18-0.25 mm)
containing 15.2% nickel. These experiments involve reforming reactions at varying
temperatures and pressures, enabling measurement of reactant and product concentrations
over time. This setup ensures sufficient activation of the catalyst for optimal reaction

performance.

During the initial 24 hours of operation, the catalyst experienced rapid deactivation due to
sulfur contamination in the feedstock. Sulfur reacted with steam to produce H-S, which
blocked active sites on the catalyst surface [7]. Additionally, carbon accumulation further
inhibited catalytic activity. Measurements were recorded after 70 hours, once catalyst

deactivation became negligible and its activity stabilized.

To regenerate the spent catalyst, conditions for the reverse water-gas shift reaction were
calculated, reducing the temperature to 573-673 K, as the overall reforming reaction is
endothermic. For modeling methanation and the reverse water-gas shift reaction, the
catalyst activity factor was adjusted to 1.225 to account for carbon accumulation from
previous use. For a fresh catalyst, the estimated parameters were scaled by a factor of 2.246

[27].
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Computing the results with the three rates equation to numerically estimate the reaction
rate parameters (k). Further, using the Arrhenius equation Eq (8), and the estimated
parameters to find the reaction activation energy at the reference temperature [27]. The

stoichiometry of the reaction and the catalyst used affect the reaction activation energy.

k) _ Ba/1 1
Ln (K_l) ~ R (T1 Tz) (8)
An experiment was conducted using a Ni/MgAL:Os catalyst with 18 wt % nickel, applying
the kinetic model developed by Xu and Froment, widely regarded as one of the most
comprehensive models for SMR [28]. Data were collected from 100 points along an
adiabatic axial plug flow reactor, assuming no concentration or temperature gradients in

the radial direction, no temperature variations within the catalyst particles, and constant

porosity throughout the reactor.

A preliminary experiment was performed under fixed reaction conditions, varying only the
particle diameter to determine the minimum size required to minimize diffusion
limitations. At smaller catalyst particle sizes, the effectiveness factor approached unity. For

a particle diameter of 0.2 mm, the effectiveness factor was determined to be 0.92.

The main experiment was conducted using 0.2 mm catalyst particles across a temperature
range of 550-700 °C for SMR and 300-375 °C for WGS reaction. Experimental results
were compared with data generated by a model-building program, achieving an accuracy

of 95%, as summarized in Table 3.

23



Table 3: Experimental and modeling results of gas-based products at 700 C, 1 bar, and 3 S/C, [28].

Gas Experimental data % | Modeling data%
Methane 7.6 54
Carbon monoxide 47 49.8
Carbon dioxide 455 44.8

Far from the equilibrium conditions of 3 S/C, 700 °C, and 1 bar, methane undergoes
complete conversion. At equilibrium, increasing the S/C ratio results in higher methane
conversion. However, an optimal feed ratio is required to achieve the best conversion while
minimizing the energy needed to generate steam. Experimental results indicate that
increasing the operating pressure decreases methane conversion, which aligns with the

reaction stoichiometry, where two moles of reactants produce four moles of products [28].
2.5 Hydrogen Permeation Membrane Material

Hydrogen-permeable membranes play a critical role in membrane reactors, particularly in
the production of blue hydrogen. These membranes enable the selective separation of
hydrogen from gas mixtures, allowing for the purification and recovery of hydrogen at high
concentrations. The choice of membrane material significantly influences the overall
efficiency, performance, and stability of the membrane reactor. Numerous membrane
materials have been developed and tested for hydrogen permeability, each offering distinct
advantages and limitations. Table 4 below outlines various membrane materials and their

properties.
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Table 4: Membrane materials and films with their properties.

Material

Description

Palladium-

Based

Membranes

PD or Palladium and its alloy are considered a great standard for Hy
permeation because of their exceptional selectivity and permeability to
hydrogen. Pd membranes operate based on a solution diffuses mechanism,
where hydrogen dissociates into atoms on the surface, consequently, diffuses
via the metal lattice, and then combines again on the other side. This
mechanism allows for nearly 100% hydrogen selectivity. However, the
popularity of palladium films is limited for several reasons, the most
important of which is their high cost, their vulnerability to poisoning by
impurities; for example, sulfur and CO, and problems with long-term stability

which is encountered at elevated temperatures.[29].

Ceramic

Membranes

These membranes operate through a proton conduction mechanism, where
hydrogen ions are conducted through the ceramic lattice, materials like
BaCeO3 and doped zirconia have been extensively studied for this purpose.
There are many advantages to using this material, like high thermal stability
and high chemical stability, resistance to poisoning, and the aptitude to work

at elevated temperatures [30].

Metal Organic
Frameworks

(MOF)

MOFs have emerged as a promising category of materials for hydrogen
separation because of their tenable pore sizes, high surface areas, and the
ability to incorporate functional groups that enhance hydrogen selectivity.

When used thin films or coatings on other membrane materials. For example,
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MOFs based on zinc, copper, and Zirconium have shown promising hydrogen
permeation properties. Challenges like stability under operating conditions
and the need for further optimization of hydrogen selectivity remain areas of

improvement[31].

Membrane film types for hydrogen purification:

Porous Ceramic

membranes

Porous Ceramic membranes made from materials like alumina, silica, and
titania provide an alternative to dense metal films. These types of membranes
operate through a molecular sieving mechanism, whereas the pore size is
tailored to selectively allow the passage of hydrogen while blocking larger
gas molecules. The main benefit of this type is resistance to high temperatures
and chemical inertness that leads to making them suitable for demanding

applications in hydrogen purification[32].

Dense Metal

films

They are composed of Pd or its alloys and have high permeability. These films
are fabricated by different techniques like sputtering, chemical vapor
deposition, and electroplating. These types of films provide complete
hydrogen selectivity, but their application is limited due to the high cost and
the need for protective layers to prevent degradation in harsh environments

[33].

Mixed matrix

membranes

They represent a hybrid approach, integrating the advantageous properties of
both polymeric and inorganic materials. Inorganic fillers such as Silica

nanoparticles are dispersed within a polymer matrix, resulting in a membrane
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that exhibits enhanced hydrogen permeability and selectivity. The selection
of polymer and inorganic fillers has a considerable role in defining the
performance of mixed matrix membranes. Polymers with high hydrogen
solubility and diffusivity like polyimides are commonly used for hydrogen
purification. This type of membrane provides a balance between cost,

performance, and scalability [34].

2.6 Membrane Reactor

The last step in hydrogen production is to purify the hydrogen from the product mixture
employing typical separation methods like pressure swing adsorption, distillation,
membrane separation, and liquid absorption. This separation unit consumes plenty of
energy and results in a loss of a portion of the final hydrogen production rate, which
increases the total production cost and process efficiency. A lower-cost hydrogen
generation process that minimizes the number of processing steps and merges hydrogen
purification with the reforming reaction stage using a membrane reforming reactor (MR).
In a double-tube reactor or a multi-tube-shell system, one side is assigned to a reformer
porous zone and the other to a permeate zone where the adjoining micro thin wall is
infinitely selective for hydrogen membrane [35]. Pure steam at an adjusted flow rate enters
the permeate zone as sweep flow that can be condensed later to recover hydrogen. The no
sweep flow MR isn’t improving the reforming of the SMR [35]. The co-current flow

direction leads to a higher H» permeation flux rate when compared to the counter-current

type [9].
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A porous ceramic and palladium film coating membrane is an inorganic palladium-based
membrane, which does not produce an oxide layer. The metal on the membrane enhances
H> permeability and mechanical strength with no loss of selectivity [36]. Hydrogen flows
across the membrane as a result of the differences in the H» partial pressure between the
two sides. The pressure gradient between the retention zone and the permeation zone. As
hydrogen is continuously disposed of from the reformer zone, the reaction equilibrium
shifts forward and increases the methane conversion; therefore, the methane conversion

required by SMR can be achieved at lower temperatures using MR[36].

The process in which H> flows toward the permeate zone from the retentate zone depends
on the H» partial pressure on both sides plus the operation temperature based on Sievert’s

Law, the H; flux unit is mol/m?/s as given in equation 9.

Pyo —Epy;
Juz = Srra exp( RT ) (JP:éS - \/Pflljz's) 9)

Where;

8y Is the membrane thickness (10°° m in this case),

- Py denotes the pre-exponential permeation coefficient,

- Ey, refers to the hydrogen activation energy for permeation,

- PF5 And P,fés Denote the partial pressure of Hz on the retentate zone and permeate

zone, respectively.

For MR as reformer pressure rises, methane conversion decreases. However, a rise in
reformer pressure causes a greater partial pressure difference of hydrogen, which increases

hydrogen permeation. Additionally, as the flow rate of the reactants increases, the rate of
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methane conversion drops. CHs conversion is increased when the S/C value is high at a
lower input flow rate. However, the H> flux through the membrane's ability is limited with
no sweep flow case, even if greater S/C and low feed flow rates may cause more hydrogen

to develop in the reforming zone [35].

Table 5 summarizes experiments recorded in the literature on fixed bed catalytic membrane
methane reformer reactors. Experiments on a Pd-Ag membrane reactor were conducted at
different pressures and temperature ranges. At equal reformer and permeate sides pressure,
methane conversion remained above 50% with a hydrogen selectivity of 80%. The
difference in pressure of 4.0 bar between the reformer and permeate portions resulted in
65% conversion of CH4 and 80% recovery of H>. The results mean that maintaining a
higher-pressure difference between the reformer and permeate zone improves CHy
conversion and H» recovery [37]. Another study investigates Pd-MR to evaluate the impact
of operational conditions on CH4 conversion, H> recovery, and carbon selectivity [38]. At
773 K, methane conversion rose from 67.6% at 300 kPa to 88.7% at 900 kPa, while CO
selectivity dropped from 6.1% to 2.3%. The higher reaction pressure also enhanced
hydrogen recovery, with the rate increasing from 71.0% at 300 kPa to 91.8% at 900 kPa at
773 K. CH4 conversion changed from 98.6% to 86.0% as GHSV went from 4000 to 8000
at 823 K and 900 kPa. CO selectivity increased with higher GHSV, from 2.4% at 4000 to
6.3% at 8000. CH4 conversion improved with an increasing S/C ratio, peaking at 99.0%
for an S/C of 3.5. However, H; recovery decreased from 97.5% to 94% with the same S/C
increase due to dilution effects. CO selectivity also decreased with higher S/C, from 6.5%

at S/C of 2.5 to 2.4% at S/C of 3.5. Methane conversion increased significantly with the

29



use of sweep gas. Without sweeping gas, conversion was 64.0%, which improved to 84.6%

with a sweep ratio of 1.7 [38].

A test on an industrial plant scale MR plant was set to enhance hydrogen production from
syngas feed [39]. The reformer operated within the 550-650 °C range within four
membrane types, Hydrogen permeability, and flux showing variations in performance
based on the type of membrane and operating conditions. A total reactant conversion of
57.3% was at 600 °C, about 26% more than conventional reformers at the same
temperature. The MR effectively reduced the required thermal level for reforming,
enhancing overall efficiency and reducing greenhouse gas emissions. Experiments on MR
at low-pressure operations (1-3 bar) refer to small-scale power generation units [40]. A
palladium-based MR was analyzed versus a fixed bed reactor (FBR). The MR significantly
outperformed the FBR in terms of the conversion of CH4 and H; purity. At 450 °C and 3.0

bar, CH4 conversion in the MR was approximately 50%, while the FBR achieved only 6%.

The performance and stability of the membrane reactor over long durations, up to 1100
hours was studied under varying feed pressure, operating temperature, and GHSV [41].
hydrogen recovery and methane conversion were recorded for long-term performance.
Methane Conversion was 98% at reactants inlet pressure which was about 28 bar and a 580
°C temperature compared with an equilibrium conversion of 26% at the same conditions.
Hydrogen purity on the permeate side ranged from 80% to 95%, with recovery rates
between 60% and 80%. Higher feed pressures led to higher H» purity and recovery. In long-
term tests, the MR showed stability performance with an average CH4 conversion of
approximately 86% over 1100 hours. While a decrease in Hz purity over time was recorded,

due to leak flow and membrane selectivity reduction [41].
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To overcome the endothermic nature of the MSR process, Pd membrane reactors were
tested at lower temperatures, around 500°C, due to the ongoing removal of H, which shifts
the equilibrium toward the product. The use of MR significantly enhances conversion
efficiencies and reduces CO production at lower temperatures compared to conventional

methods [42].

A honeycomb monolith MR design was proposed to study MR scale-up for industrial
hydrogen production [43]. Methane conversion increases with feed pressure on the MR,
also methane conversion increases with temperature and S/C ratio. Scaling up requires a
proportional increase in membrane surface area for hydrogen separation. Insufficient
membrane area limits hydrogen permeation and reactor performance. Raising the reactor

size without increasing the membrane area reduced the MR performance [43].

Gas permeation test carried out at 773 K and 31.4 kPa of pressure difference between
retentate and permeate sides in a tubular Pd-Ru MR [44]. the hydrogen permeation rate is
around 0.1050 mol / m?.s. The MSR reaction was under temperature 773 K and pressure
100-250 kPa, gas hourly space velocity (GHSV) 837 h—1, and S/C of 3. The SMR reaction
result showed that methane conversion increased with increasing pressure difference and

reached 77.5% at 250 kPa[44].

The reforming of natural gas for hydrogen production was tested on Pd-Au MR [45].
Methane conversion was 48% for pure methane and 37% for natural gas at 300 kPa. The
presence of higher hydrocarbons in natural gas reduced methane conversion, but it led to
higher total hydrogen production. This was due to the higher hydrocarbon components,

such as ethane (93%), propane (92%), and butane (83%). Hydrogen recovery was higher
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for natural gas, benefiting from the additional hydrogen produced from these heavier

hydrocarbons [45].

The Pd-Au MR with no sweeping gas in the membrane side was studied under 2.8 MPa
pressure on the reformer side for a temperature range [47]. Methane conversion reached up
to 94% at 511°C, far surpassing the equilibrium limit of 30% on SMR under similar
conditions. Hydrogen purity consistently exceeded 99.2%, with flux stability maintained

throughout a 530-hour test [47].

The performance of the membrane reactor (MR) for hydrogen production was evaluated
using various hydrocarbon feedstocks, including methane (CHa4) and pre-reformed naphtha
(PRN). The tests were conducted under a feed pressure range of 15 to 30 bar [46]. Methane
conversion increases with pressure increases on MR and decreases on PRN. Operating at
30 bar, it achieved methane conversions of 91% with CHa and 65% with PRN, surpassing
the equilibrium conversion limits of conventional reactors. The hydrogen produced
maintained a high purity of over 98.5% throughout the testing period. The system also
facilitated cost-effective carbon dioxide capture, with CO: concentrations in the retentate

stream reaching 76 mol% [46].
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Table 5: Overview of experiments on membrane reforming reactors.

Sweep gas Experimental
Ref Reactor Catalyst Results
flow conditions
Pd-Ag MR | Ni-ZrO - Nitrogen -450°C - Constant pressure:
>50% conversion, ~80%
- co-current - Constant total
H; selectivity.
pressure on
retentate and - Variables permeate
permeate sides pressure: ~65%
) conversion at 4.0 bar
[37] - Variables
pressure difference, 80%
permeate pressure
Ho> recovery.
(feed at 9.0 bar,
permeate 5.0-9.0
bar)
- H> rich gas
mixtures
Pd MR Nickel- - Argon -773,823 K - Higher temperatures
based and pressures up to 900
-(0to3.4) -300 to 2000 kPa
‘ kPa increase CH4
[3 8] ratio to Feed
-2.5t03.5S/C .
i conversion and H»
OW.
- 4000 to 8000 recovery.
GHSV
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- Counter-
current, and

co-current

- CH4 conversion
increases with pressure
up to 900 kPa, then

stabilizes.

- CH4 conversion
decreases with higher

GHSV

- Higher S/C ratios

increase CH4 conversion

- Hz recovery decreases

at high S/C.

- Sweep gas improves
CHj4 conversion up to a

sweep ratio of 1.7.

- A higher H; recovery at
counter-current sweep

gas

[39]

Four types
of Pd-
based or

Pd-Ag

Noble metal
catalyst

(Rh-Pt)

- Steam and

H2

- Natural gas and

steam feed

- 550-650 °C and

- Varying performance
based on membrane type

and conditions
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alloy - Up to 20 bar - Effective operation
membranes within 550-650 °C,
good thermal
management.
- 57.3% at 600 °C, 26%
more than conventional
reformers at the same
temperature
Pd-Ag MR | Ni/Al:Os - Nitrogen - 400-500°C - CH4 Conversion 50%
at 450 °C and 3.0 bar in
-Sweep factor | -1.0-3.0 bar
MR and 6% conversion
(SF) of 1.2.
-S/IC2 .
in FBR under the same
[40] .
-GHSV of 3710 h-! | conditions.
- Hz> Recovery of 70% at
450 °C and 3.0 bar with
SF of 1.6 in MR.
Pd MR Nickel- - Nitrogen - 550 °Cto 580 °C | - Membrane selectivity
based for H> decreased after
-Co-current -12 to 28 bar
[41] long use time
-0.05 to 0.1 - GHSV: 760 to 950
_ - H> flux remained
L/min. (L. h™!/ kg catalyst)

constant
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Pd MR Nickel- -1 atm - 500 °C - CH4 conversion: >80%
based ) at 500 °C
- Nitrogen - 9-20 atm
- CO yields less than 2%
[42] -100-500 -S/C3
. in MR reactor vs up to
ml/min
50% in conventional
FBR
Pd-MR Ni/AlzOs No sweep gas | - 773—-873 K. - CH4 conversion
(87.1%) on MR
- 300-500 kPa.
compared to (61.5%) on
-S/C: 3-5 SMR
- optimal membrane
[43]
surface area-to- reformer
volume ratio (S/V =255
m?/m?) to balance
hydrogen separation and
reaction efficiency
Pd-Ru MR | Ni/Al:Os No sweep gas | - 773 K After 100 h methane
conversion and the
- 100 — 250 kPa
[44] hydrogen yield remained
- GHSV: 873 h!
constant.
-S/C3
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Pd-Au MR | Nickel- - Steam -450 °C - Higher methane
based 100 ml/ mi 100 - 300 kP conversion than natural
- ml/ min | - - a
gas under the same
- 100 kPa - GHSV: 873 h'! .
conditions
[45] -S/C 3.5 -The reactor achieved
100% hydrogen purity
without coke formation,
maintaining stability for
over 1000 hours.
Pd-Au MR | Ru/AlO; - No sweep - 2.8 MPa - Stable hydrogen flux
gas - 480°C to 580°C and methane conversion
[47] -1 atm -S/C 3 over time.
- Hydrogen purity above
99.2% after 530-hour
Pd-Au MR | R-88(R)- -Hydrogen - 15-30 bar - Hydrogen purity 98.5
HEAT-X™ - 550 °C at 30 bar, and 99.2% at
- 3 bar - °
(commercial 15 bar
46 -
[46] catalyst) S/IC 4 o
- Membrane maintained
- GHSV: 976 h!

high stability after 400+

hours
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Theoretical investigation studies of MR for hydrogen production techniques using
modeling and simulation of membrane reactors are summarized in Table 6. A membrane-
integrated reformer reactor was examined in a CFD model under different conditions, such
as the S/C, flow rate, sweeping direction and flow rate, pressure, and membrane length
[48]. The increasing S/C ratio boosts CHs conversion for a fixed feed flow rate.
Specifically, the CHs conversion rate rose from 34 percent to 63 percent as the ratio of S/C
was raised from two to six. H» recovery increased with a decreased flow rate of the feed
for a constant S/C. For instance, H> recovery dropped from 28 percent to 2 percent as the
mass flow rate of CH4 increased from 0.00005 to 0,0018 kg/sat a constant value of S/C of
about 4. Methane conversion decreases with feed pressure while hydrogen yield increases
with pressure rise. Introducing sweeping flow significantly improved hydrogen recovery,
which increased from 15 percent to 33 percent when the flow rate of the sweep was
identical to the flow rate of the feed at a CH4 mass flow rate. Further increases in the sweep
flow rate enhanced the H> recovery a little, equal flow rates are optimal to minimize

sweeping steam usage [48].

The effectiveness of the WGS on the MR was studied to record the influence of CO
alteration on the recovery of Hz [49]. The study analyzed the significance of improving the
operational parameters to maximize the efficiency of WGSR-MR systems for H>
production. Raising the sweeping flow rate enhances the conversation rate of CO and the
recovery rate of H>. The low sweep flow of 18 sccm (Standard cubic centimeters per
minute) resulted in a low conversion rate of CO and a low recovery rate of H> due to the
reduction in the permeation of H>. On the other hand, the high sweep flow of about 1800

sccm improves both metrics significantly. However, additional increases in sweep gas flow
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yield diminishing returns beyond a certain point. Counterflow produces more CO
conversion and Hj recovery when compared to the co-current flow for the reason of higher
permeation that occurred alongside the overall length of the reactor. Varying the value of
the S/C from 0.5 to two, showed that higher S/C ratios improve the conversion rate of CO
and the recovery rate of Ho, but the benefits diminish at higher ratios. Lower S/C ratios are

beneficial in reducing CO» capture costs in IGCC applications [49].

A study aims to address the integration of traditional SMR processes by introducing a novel
reactor at a scale-up design [50]. The scalability of the design is supported by the simulation
results, which show that the reactor maintains high performance even at larger scales. The
addition of a carbon sorption material within MR was investigated [51]. The addition of
CO; sorbents in SEMR significantly increased CH4 conversion by shifting reaction
equilibrium. H» yield and generation rate increased with space velocity and pressure due to
the more effective removal of H> and CO,. Over 95% reduction in outlet CO2 and CO
concentrations, doubling both MSR reactions and WGS reactions. Higher space velocities
resulted in decreased CH4 conversion because of shorter reaction time, while increasing
the generation rate of H> and total H» yield. Elevated pressures improved CH4 conversion
and overall H> yield due to enhanced reaction dynamics and effective gas permeation
through the membrane. The SEMR showed superior performance in CH4 conversion and
H> yield better than traditional membrane reactors, especially during the initial phase when

COz sorption was most active [51].

Research demonstrated the efficiency of a packed bed MR to generate hydrogen using a
2D-(CFD) model [52]. This study focuses on the low-temperature reactor that is heated
using molten salt, examining a range of space velocities and operating conditions. Lower
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space velocities (e.g., GHSV of 6000 h™) conduct higher CH4 conversion rates. High space
velocities still achieved significant Hy recovery, with optimal conditions reducing CO
concentrations, and improving overall H> yield and purity. Higher S/C led to increased H»
recovery because of enhanced WGS reaction with excess steam and reduced CO
concentrations, minimizing coke formation risks. Below 720 K, the performance was
limited by low catalyst activity. Above 720 K, H» recovery increased significantly due to

higher reaction rates [52], [53].

A three-dimensional CFD simulation model studied the performance of MR to examine the
influences of key operating circumstances on the efficiency and output of the SMR
process[53]. Higher temperatures generally increased hydrogen production but required
careful management of membrane durability. The sweep gas flow pattern significantly
influenced hydrogen permeation, especially the counter-current flow. An increase in gas
flow rate reduces overall residence time, leading to decreased H> permeation. Raising the
S/C from 1 to 3 raised the conversion rate of CH4 from 45% to 49%, with an exception at

a ratio of 4. Higher sweep flow rates enhance CH4 conversion and Hz permeation[53].
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Table 6: Summarized steam methane reforming Membrane Reactor modeling and simulation Studies.

Conditio
Ref | Reactor Catalyst | Software Sweep gas Results
ns
- 4 Tubes Catalyzed | 3D -900°C | -Argon - Counter-flow is
(shell and Pd COMSOL superior to co-flow
tube) membrane - SIC: -Co-current and
0.5-2 counter-current | - Higher S/C ratios
- Pd MR rise CO
4] - 2000
kPa - Increasing the
sweep flow rate
enhances CO
conversion
-Pd MR Ni/Al,03 | 3D Ansys | -500 °C | - Nitrogen Impact of carbon
mixed Sorbents:
-Pd SEMR | with -3MPa | - co-current
Na»ZrOs -CHa conversion
51 sorbent. - GHSV increased
1120,
2240, and -H> yield and
3360 ht generation rate
increased with
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-SIC: 3

space velocity and

pressure.

- Over 95%
reduction in CO>
and CO

concentrations.)

- Higher space
velocities:
Decreased CH4
conversion but
increased H»
generation rate and

yield

- Elevated
pressures:
Improved CH4
conversion and H»

yield.
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-Pd MR Ni/ALkOs | 2Dand 3D |-S/C3-5 | -N/A - Efficient H2
Annular COMSOL permeability
-173-873 validated by
- Pd MR K -300- Sievert's law
monolith 500 kPa
- 3D model shows
optimal reactor
[50]
configuration with
monolith
arrangement
- Higher CH4
conversion with Ha
removal
Pd MR Ni-based | 2D Ansys | -600°C | -Steam - CHa conversion
increases with a
-SIC:2-6 | -coand higher S/C and
counter-current | gecreases with an
[48]
-CH4 increased feed flow
flow: - 600 -C
rate. - Hz recovery
0.00005- .
improves under
-0 bar

sweeping
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0.0018 - flow rate: 0— | conditions and

ka/s 0.04 kg/s counter-current
flow

pressure: - Increased

5-40 bar reformer pressure
leads to more

Membran hydrogen

e:1.0,1.5

and 2.0 m - Longer reactor
length increases

-Reactor: CHs conversion

Im

Pd MR Ni/Al.Os | 2D Ansys | -773 K -Steam - Higher S/C ratios

improved Hy

-S/C:1-3 | -1 bar recovery and
reduced CO level

[52] - 10 bar | -counter
currents -773 K lower limit

GHSV: preferred for

6000- conversion

15000-ht
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- the peak for

methane at 20,000 h
GHSV
Pd MR Ni/ALOs | 3D Ansys | - 673— 100 kPa - Better
1273 K performance of
counter-current
- 200~ flow
250 kPa
- The optimal
-S/C:1-4 temperature range
[53] for permeation and
“GHSV reaction
83710 performance is 673
10,000 Kto 973 K.
ht
- More CH4

conversion and Hz

at raised GHSV
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Membrane reactors and steam methane reforming (SMR) differ in cost structures for
hydrogen production. The MR demonstrated superior efficiency, achieving higher

methanol conversion and hydrogen yields by integrating reaction and separation processes,




enabling a 23% cost reduction on MR over the cost for SMR. The elimination of a costly
PSA system and lower operating temperatures contributed to the savings [54]. Membrane
reactors typically have higher capital costs due to specialized membranes but offer energy
savings and integration benefits, achieving Levelized Costs of Hydrogen (LCOH) around
£1.78-2.80/kg H.. In contrast, SMR systems have lower upfront costs but require
additional purification and carbon capture for low-carbon hydrogen, with LCOH ranging
from £1.42-2.84/kg H.. While SMR remains cost-effective for large-scale production,
membrane reactors provide higher efficiency and simpler designs, making them attractive
for future low-carbon hydrogen technologies [55] Carbon taxes greatly influence the
economics of hydrogen production. While traditional SMR is initially cheaper, membrane
reactors become more economical under high carbon taxes, offering both financial and
environmental advantages [56]. Costs for Pd-alloy membrane reactors are predicted to fall
as manufacturing develops [57]. The high cost of palladium-based membranes
significantly impacts economic feasibility, particularly given their replacement needs over

time [58]

46



CHAPTER 3

COMPUTATIONAL MODELING

The computational fluid dynamics (CFD) numerical model integrates chemical (kinetic)
and physical (thermodynamics) modules in various geometries, making it suitable for a
wide range of problems. The CFD simulation solver successfully worked with numerous
systems and fit the experimental data. Using a simulator solution is a cost-effective case-
study strategy that eliminates the need to deal with a real process model [59]. The CFD
model accurately represented the steam methane reformer by taking account of mass
transfer and diffusion between bulk and catalyst beads, as well as the kinetics of the SMR
and WGS reactions occurring, in addition to the reformer's thermodynamic model, which
represented the actual SMR reactor [36]. In addition, the CFD simulator covers the

continuity, momentum, and energy equations.

The reaction rate from Ferment and Xu [27] is used in the SMR Kinetics model; this
intrinsic reaction kinetic mechanism considers the influence of gas diffusion through
catalyst beads on the conversion rate. The three reaction rate equations were constructed
in C language and integrated into the simulation model via a user-defined function (UDF),

Appendix [A].

The appropriate geometry dimensional model for CFD of SMR was chosen based on the
residence time, relative length (reformer length to radius ratio), and the parameter under
investigation. For residence times of more than 8 kg catalysts/mol CH4 and relative lengths
greater than 15, the one-dimensional model is appropriate. For less residence duration and
relative length values, two and three dimensions were used [59]. At the laminar region's
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Reynolds number, the feed velocity on the porous zone is relatively slow. Fluent build-in
mass, momentum, and energy equations (10), (11), and (12), respectively [60], solve for

the flow through the assumed pseudo-homogeneous catalyst bed.

Mass conservation:

V.(epru) =S (10)

Momentum conservation:

V.(eii)= -Vp—BUA+V.Z +p; g (11)

Energy conservation:
V. (o ih +iip) = V. (ke VT — z hj + 7. ﬁ’) (11— e)pcz R; AH, (12)
i 7

Where g the friction pressure drops in the reformer zone, the particle diameter is 1.75 mm
assuming uniform bead size, and bed void fraction ¢ is 0.6. The friction pressure drop is an

expression of internal resistance (C-), and viscose resistance (1/a).

: (1-¢)
Internal resistance: C, = 3.5 (13)
ed,
: . 1 (1-¢)?
Viscose resistance: — = 150 ——— (14)
a e3d3

The membrane film is combined with the reformer to purify the hydrogen from the
reformer. Shell and tube MR is most employed in the conventional scale Figure 6, with
the feed inlet to the shell porous side and pure steam at atmospheric pressure inlet to the

tube membrane as a sweeping gas to maintain a low hydrogen pressure on the permeate
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side [9]. Steam is preferred as a sweep gas for its high specific heat, availability from
refineries, and ease of separation from hydrogen. A quarter of a single tube and the adjacent
shell space were hired for the model calculation domain to save componential time Figure
7. Feed is methane and steam, sweep gas is steam, Permeate is hydrogen and steam, and
retentate is a mixture of unreacted methane and steam plus hydrogen, carbon dioxide, and

carbon monoxide.

The CH4 conversion and Ha recovery at the permeate output, as well as Ho selectivity over
carbon, were studied for various operation pressures on the retentate side at numerous
temperatures and an S/C ratio, and by varying the feed and sweep flow rates. Radial
gradients are accounted for using the three-dimensional model. H> flux is derived from the
difference in Hy partial pressures between the membrane's two sides. Finally, the impacts
of membrane diameter were explored as a means of optimizing design. The species transfer
is given by Equation (15) [60]. The hydrogen permeation is written in C language code and

is coupled with the fluent model as a UDF, Appendix [B].

Species transfer:

V.(epsim; - xi) = V(ps D;cVm;) + (1 — &) pCMiZ a;j R; S; (15)
j
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H,0 + CO, + CH, + H, H,0 + CH,
Shell ~ H:0+ CH,=@H)+CO

CO + H,0C0, @

Figure 6: Schematic diagram of axis-symmetric tube and shell membrane reactor model.

O O.O O Feed flow
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Figure 7: Cross-sectional view of shell and tubes MR in a square-pitch arrangement.
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CHAPTER 4

MODEL VALIDATION AND SETUP

A steam methane reformer (SMR) simulation model was created in ANSYS Fluent to
validate the CFD numerical model. Before using the model in subsequent projects, the
outcomes were checked against experimental and numerical data from the reference
research to make sure it was accurate. The study uses symmetry to save computational
time, where the geometry and boundary conditions are symmetric about the X-axis only

half of the physical domain is modelled.

The reformer geometry is a 2D rectangular representation (150 cm in length and 1 cm in
width) representing a cross-section of a cylindrical steel pipe with a diameter of 150 cm
and a wall thickness of 1 mm. The meshing involves edge meshing with an element size of
0.05 mm, a method that ensures high resolution and accuracy in capturing flow dynamics.
This approach uses edge-sizing techniques to create a structured quadrilateral mesh, with
a focus on refining the boundary regions for better flow characterization and computational
efficiency. The meshing also applies biasing near critical areas to ensure optimal element
distribution. The reactor area was discretized into a mesh comprising 12,000 elements
(cells) with an orthogonal quality of 1.0 and a skewness of 0.2. Fine meshing was applied

near the cylinder wall to account for boundary layer effects Figure 8.

After the mesh is created and imported into Fluent, the boundary conditions, fluid
properties, and solver options are defined. Solver controls are set, and the domain is

initialized with estimated flow conditions to provide a starting point for iteration. The
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simulation runs until the residuals of key variables (e.g., velocity, continuity, species mole

fraction) converge to a selected value a stable solution.

A steady-state, pressure-based solver with axisymmetric assumptions was employed to
reduce computational time. All simulation parameters were aligned with those specified in

the reference paper [59].

J Reformer geometry: 150 mm x 5mm

o Catalyst particles size1.75x10°° mm, 0.6 porosity

o Boundary conditions: T= 873 K (inlet, outlet, wall, and catalyst bed for law S/C
ratio)

. P=1.5 bar

o Inlet velocity = 0.71 m/s

o SIC:2,25,3,35,4,and 5

J Laminar flow

J Ideal gas mixing low

. The residual of the conversion is 1x10°°

i e e e e R B i
_h... t

Figure 8: Schematic diagram of the mesh used in the developed 2D axisymmetric model

Table 7 and Figure 9 show the validity of this model, where the hydrogen yield results fit
the base paper results [59] and the experimental data [61] under the same conditions. At
1.5 bar pressure, the methane conversion increases with S/C.
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H. Vield = mole H,
2 el = mole CH, i,

Table 7: Numerical model validation results.

H Yield (mole Ha/ mole CHain)
. Pashchenko’s | Experimental
SIC szlcs:sg)dy modeling data [61]
data [59]
2 1.675 1.6 1.68
2.5 1.861 1.84 1.87
3 2.0336 2 2.036
3.5 2.101 2.13 2.107
4 2.24 2.2 2.22
5 2.45 2.33 2.406
2.8
—&— This study
—®— Pashchenko [59]
2.6 - —A— Experiment data [61]
24 -
Iﬂﬁ‘
|
o
g 2.2
IN
< 204
£
1.8
1.6 o
I ! | ! 1 ! 1 M | ! I ! |
2.0 2i5 3.0 3.5 4.0 4.5 5.0

Steam to carbon ratio

Figure 9: Comparison of experimental data and numerical results at different S/C ratios [59] [61].
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The 2D CFD model was utilized to analyze the SMR process at higher operation pressures
of 5 and 10 bar, as hydrogen membrane removal required at least 10 bar of pressure to
separate hydrogen effectively [62]. The feed gas residence duration on the porous reaction
zone must be carefully adjusted to exceed the equilibrium residence time at which methane

is completely converted.

Figure 10 and Figure 11 show SMR conversion, Hz yield, and Hz> mole fraction at various
S/C ratios and feed pressures (5 bar and 10 bar, respectively). The high operation pressure
inhibited methane conversion as the reaction kinetics shifted backward to the lower
stoichiometric pressure. At constant pressure, the S/C has little effect on CH4 conversion.
However, as the H,O mole fraction in the reaction zone grows, the hydrogen yield
increases; because pressure does not affect the WGS reaction equilibrium, which occurs
when two moles react to produce two moles. As a result, when building the membrane
reformer, the pressure factor must be tuned to achieve the most hydrogen recovery on the

permeate zone while maintaining optimal methane conversion.
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Figure 10: Results of the 2D Steam Methane Reformer Model at Different S/C ratios, 5 bar Pressure, and a

temperature of 873 K.
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Figure 11: Results of the 2D Steam Methane Reformer Model at Different S/C ratios, 10 bar Pressure, and a

temperature of 873 K.
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CHAPTER 5

RESULTS AND DISCUSSION

The MR is modeled using 168,000 mesh cells, as shown in Figure 12.a (with an 1.0
orthogonal quality and 0.2 skewness), and this configuration is based on a mesh sensitivity
test [9]. Additionally, the boundary conditions for temperature and pressure are specified,
with the inlet and outlet boundary temperatures maintained at a constant value of 873 K.
The membrane is set as a fixed wall with a coupled thermal boundary condition. In terms
of flow dynamics, feed and sweep mass flow rates at the inlets of the MR. To ensure an
accurate representation of boundary layer effects, fine meshing is applied near the

membrane wall, as shown in Figure 12.b.

The pressure at the outlets is set equal to the inlet pressure for both the membrane tube

and reformer shell sides. The CFD Ansys Fluent 2023 model setup is as follows:

e A second-order upwind scheme is used for discretization

e The SIMPLE algorithm is used for pressure—velocity coupling
e A transient pressure-based solver is applied

e The residual for conservation is setto 1 x 10°°

¢ The laminar flow condition is applied due to the low Reynolds number.
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a)

b) Membrane wall

Figure 12: a) Schematic diagram of the MR mesh on the x-y-z axis, b) Mesh front view on the x-z axis.

The feed S/C with a ratio of 3 enters a membrane reactor with 6.8 x 107 kg/s (10000
GHSV), at 10 bar pressure and 873 K. Meanwhile, the reformer side remains unchanged
from the previous SMR case, with steam flowing on the membrane side as a sweeping flow
at atmospheric pressure at 873 K and 6.8 x 10° kg/s. The membrane tube diameter is 8.5
mm, the pitch size between the centers of two adjacent tubes is 22 mm, and the MR length
is 500 mm. Comparing the conversion in the case of MR-1 (where hydrogen continuously
permeates to the membrane side) with the previous SMR results reveals a significant
improvement in the methane conversion at the feed outlet, with an increase of up to 70%.In
this case, the H2 mole fraction dropped on the retentate zone from 0.286 to 0.198, as shown

in Table 8. Furthermore, the sweep flow enhances the hydrogen flux to the tube side,
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thereby driving the reaction forward in the reformer. In the case of two membrane reactors,

methane conversion decreases as the feed flow rate increases in MR-2.

Table 8: Performance comparison between steam methane reformer and membrane reactor.

Input Output

H2 mole fraction
Feed flow | Sweep flow CHas

Model Reformer | Tube
rate (kg/s) rate (kg/s) | conversion
side side
SMR 8.6 e-5 - 0.39 0.286 -
MR-1 8.6 e-5 8.6 E-5 0.73 0.198 35E-4
MR-2 8.6e-4 8.6 E-4 0.666 0.18 6.6 E-5

This study investigates the effect of steam flow rates as sweep flow on the permeate side,
maintaining a constant pressure of 1 atm, while varying pressures on the reformer side (5,
10, and 15 bar) in co-current flow directions. In this study, the permeate side pressure
was maintained at 1 atm. Subsequently, the effect of varying the feed flow rate on hydrogen
production was analyzed under constant temperature and pressure conditions (873 K and
10 bar on the reformer side, 1 atm and 873 K on the permeate side). Additionally, the
performance of membrane reactors with different tube geometries and reformer volumes

was investigated.

Methane conversion, hydrogen recovery, and hydrogen selectivity (kg hydrogen/kg

carbon) over carbon (carbon dioxide and carbon monoxide) are used to evaluate the
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performers of the MR under different parameters. These quantities are defined at the MR

outlet as follows:

CH4 IN — CH4- ouT
CH4 IN

CH,conversion =

HZ permeat

H, recovery =
HZ retentate + HZ permeat

HZ retentate + HZ permeat

(CO + CO3)retentate

H, selctivity =

The main objective of MR is to maximize hydrogen recovery from a membrane reactor
during methane conversion. To optimize the system's efficiency, the effect of membrane
tube diameter is studied, while keeping the feed and steam flow rates constant at various
operating pressures. Three MR geometries are examined, with tube diameters of 8 mm, 10
mm, and 12 mm, and corresponding pitch sizes of 17.5 mm, 20 mm, and 22.3 mm
respectively, all having a length of 500 mm lengths, as shown in Figure 13. The reformer
volume is adjusted to maintain a constant membrane surface area-to-reformer volume ratio
of 98 m! across all configurations. The mesh sizes for the three configurations are 133,000,
162,000, and 173,000 element cells, respectively. Additionally, the impact of shell volume
on the MR performance was tested with a fixed membrane tube diameter at 12 mm

diameter (modified Tube-12 mm).
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Figure 13: Geometries of membrane reactor (tube and shell) numerical domain.

Methane and steam are Fed to the reformer with a 12 mm membrane tube diameter. The
steam-to-carbon (S/C) ratio is set at 3, under feed pressure of 5,10, and 15 bar. The feed
temperature is maintained at 873 K, with a feed flow rate of 0.0001 kg/s. Steam enters the

tube as sweep flow at 1 atm, 873 K, and 0.0001 kg/s.

Despite the reformer-side outlet pressure being held constant and equal to the feed pressure
in every case, a slight pressure increase is observed near the reformer inlet for every feed
pressure, as shown in Figure 14. This pressure increase occurs as the flow passes through
the porous zone on the reformer side [63]. Since the pressure rise near the reformer inlet is
negligible, the overall pressure change has an insignificant effect on the hydrogen flux rate
change along the membrane length.
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Figure 14: The pressure profile along the reformer at (a) 5 bar, (b) 10 bar, and (c) 15 bar feed pressure.

The temperature profile along the membrane tube film is represented in Figure 15. Given

that the temperature is constant along the axial distance, the temperature does not influence

the hydrogen flux rate change along the length.

Temperature (K) 860 861 862 863 864 865 866 867 868 869 870 871 872 873

0.2 0.3
axial distance (m)

Figure 15: The temperature profile along the reformer.

Changes in the kinetic reaction rates influence the mole fractions of species within the

reformer. At high feed pressure, the reaction equilibrium shifts backward leading to a
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reduction in methane conversion. This trend is reflected in the species mole fractions at the
different feed pressures. Figure 16, Figure 17, and Figure 18 represent the changes in the
reactant and product mole fractions. At the lower feed pressure of 5 bar, the reaction occurs
at a higher kinetic compared to the cases with feed pressure of 10 and 15 bar. This higher
reaction rate leads to faster methane reforming, causing a rapid decrease in the methane
mole fraction immediately after entering the reformer. The CO2 mole fraction increases as
CO, produced from the reaction (1) at the reformer inlet, reacts with steam in the water

shaft reaction (2) to produce CO3, which is also produced from reaction (3).
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Figure 16: Species mole fraction on reformer side for Tube-12 mm MR at feed rate 1 x 10 kg/s of 3 S/C, 873 K,

and 5 bar feed pressure.
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Figure 17: Species mole fraction on reformer side for Tube-12 mm MR at feed rate 1 x 10 kg/s, 3 S/C, 873 K,

and 10 bar feed pressure.
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Figure 18: Species mole fraction on reformer side for Tube-12 mm MR at feed rate 1 x 10 kg/s, 3 SIC, 873 K,
and 15 bar feed pressure.
Since there are insufficient changes in pressure or temperature along the length of the MR,
the hydrogen partial pressure is the only factor influencing the hydrogen flux rate through
the membrane tube. Figure 19, illustrates the hydrogen flux rates through the membrane
at feed pressures of 5, 10, and 15 bar. The hydrogen flux rate is directly proportional to the
hydrogen mole fraction on the reformer side. According to Sievert’s Law, the highest
hydrogen flux rate occurs at a feed pressure of 15 bar, where the difference in hydrogen

partial pressure between the two sides of the membrane is maximized.
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Figure 19: Hydrogen flux rate along the membrane length for Tube-12 mm MR at feed rate 1 x 10“*kg/s, 3 S/C,

and 873 K. Under 5,10, and 15 bar feed pressure.

5.1 Effect of sweep flow rate

Figure 20 shows the impact of sweep flow and rate on methane conversion at different
reformer pressures on Tube-12 mm under a range of feed pressure, 873 K, and feed flow
rate of 0.0001 kg/s. The analysis begins with a no-sweep condition and progressively
increases the sweep flow rates to 1.0, 2.0, and 4.0 times the feed flow rates. Introducing
sweep flow on the permeate side in a co-current direction with the reformer-side feed flow
set at 0.0001 kg/s, increases methane conversion. However, further increases in the sweep
flow rate beyond 0.0001 kg/s had a slight increase in methane conversion. This indicates
that a sweep flow rate equal to the feed flow rate is sufficient to enhance methane

conversion by continually eliminating hydrogen from the reformer side.
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Figure 20: Effect of sweep flow rate on methane conversion on Tube-12 mm at different reformer pressures, 3

S/C ratio, and 873 K.

Hydrogen recovery improves with the sweep flow rate, as shown in Figure 21. The sweep
flow rate exhibits a consistent effect on hydrogen recovery across all pressure values. The
higher sweep flow rate helps maintain a lower hydrogen partial pressure on the tube side,
which enhances the hydrogen flux rate from the reformer side. Hydrogen selectivity over
carbon follows the same pattern as the hydrogen recovery with increasing the sweep ratio,
Figure 22. As a result, the mass flow rates of hydrogen rise at the permeate outlet Figure

23 while declining at the retentate outlet Figure 24.
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Figure 21: Effect of sweep flow rate on hydrogen recovery on Tube-12 mm at different reformer pressures, 3

S/C, and 873 K.
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Figure 22: Effect of sweep flow rate on hydrogen selectivity on Tube-12 mm at different reformer pressures, 3

S/C ratio, and 873 K.
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Figure 23: Mass flow rate of hydrogen at retentate outlet of Tube-12 mm for 0.0001 kg/s feed flow rate, 873 K

operating temperature, and different reformer pressure.
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Figure 24: Mass flow rate of hydrogen at permeate outlet of Tube-12 mm for 0.0001 kg/s feed flow rate, 873 K

operating temperature, and 10 bar reformer pressure.

5.2 Effect of Feed Pressure

Figure 25 depicts the performance of the Tube-12 mm membrane reactor operating at 873
K, S/C of 3, and an equal feed and sweep flow rate of 0.0001 kg/s. The feed side pressure
varies between 5 and 15 bar. The performance indicators include methane conversion,
hydrogen recovery, and hydrogen selectivity over carbons. Methane conversion decreases
as the feed side pressure rises. At a feed-side pressure of 5 bar, methane conversion is about
0.42. However, as the pressure increases to 15 bar, the conversion decreases to around 0.29.
Higher feed-side pressure negatively impacts methane conversion, likely due to
equilibrium limitations. Increased pressure shifts the reaction equilibrium backward,
reducing the reaction rate and subsequently lowering methane conversion. As the feed side

pressure rises, the hydrogen recovery rate increases. This indicates that higher feed-side
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pressure increases selective hydrogen penetration through the membrane, leading to
improved hydrogen recovery. Additionally, Hydrogen selectivity over carbon increases
with increasing pressure. This suggests that the membrane reactor becomes more efficient
as hydrogen permeability increases at higher pressures, increased hydrogen permeability

shifts the chemical equilibrium, favoring hydrogen production over carbon.
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Figure 25: Effect of feed pressure on the performance of Tube-12 mm MR. Feed flow rate 1*E-4 kg/s, 3 S/C, and
873 K.

As pressure rises, methane conversion declines, while hydrogen recovery and selectivity

improve. This is most likely due to pressure-driven hydrogen permeation, which increases

recovery but alters the chemical equilibrium, resulting in methane conversion reduction.

An ideal pressure balance may be determined by process goals: Higher pressures (around

15 bar) promote hydrogen recovery, whilst lower pressures (5 bar) improve methane
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conversion. Hydrogen permeation through membranes, especially palladium-based ones,
is driven by the hydrogen partial pressure differences between the feed and permeate sides,

with greater pressures improving hydrogen recovery and selectivity.

The hydrogen mole fraction along both sides of the MR at various feed pressures is
represented in Figure 26. At a lower pressure of 5 bar the hydrogen on the reformer side
is distributed uniformly along the reactor. This low pressure reduces the hydrogen partial
pressure, resulting in a lower flow rate through the membrane. At a feed pressure of 10 bar
the hydrogen distribution becomes clearer, with a larger contrast between bulk hydrogen
and hydrogen near the membrane. The rising pressure increases hydrogen flux through the
membrane, resulting in a more concentrated hydrogen zone on the retentate side. At the
highest pressure of 15 bar represented in, the polarization of the hydrogen mole fraction

expands as the difference in hydrogen partial pressure grows.
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Figure 26: Hydrogen mole fraction on Tube-12 mm MR at feed rate 1 x 10 kg/s, 873 K, 3 S/C, and different

feed pressures.

From the outlet mass flow rate of hydrogen Figure 27, we observe that pressure variations
result in only minor changes in the mass flow rate. The positive effect of pressure on

hydrogen flux rate counterbalances its negative impact on methane conversion.
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Figure 27: Mass flow rate of hydrogen at the Tube-12 mm outlets for 0.0001 kg/s feed flow rate, 873 K operating

temperature, and different feed pressure.

5.3 Effect of Steam to Carbon Ratio

The steam-to-methane (S/C) ratio is a crucial indicator of the performance of a membrane
reformer. The S/C ratio affects methane conversion to hydrogen and other product gases.
Figure 28 shows the effect of the S/C ratio on Tube-12 mm at 873 K, 10 bar feed pressure,

and feed and sweep flow rates of 0.0001 kg/s.

As the S/C ratio rises, the methane conversion rate also rises. This implies that increased
steam availability boosts methane conversion, especially when the S/C ratio is 5, where
methane conversion peaks at 0.42. Higher S/C increases the reaction rates by delivering
more steam for reactions, resulting in greater methane conversion. Hydrogen recovery is

highest at low S/C ratios but decreases as S/C increases. This shows that increasing the
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steam ratio reduces the hydrogen partial pressure on the reformer side, reducing the driving
power for hydrogen penetration across the membrane. As the S/C ratio increases, the higher
steam content in the system shifts the reaction equilibrium towards more hydrogen
production. While higher S/C ratios provide more steam, which drives methane reforming
and hydrogen production, excess steam also dilutes hydrogen and other components in the
system. This dilution effect reduces the hydrogen mole fraction, which lowers its partial
pressure at the reformer outlet, leading to a decrease in flux rate. As a result, the hydrogen
mass flow rate at the permeate outlet decreases with an increasing S/C ratio, Figure 29.
Higher S/C ratios (about 4-5) are preferable for operations aiming to maximize methane
conversion. However, if hydrogen recovery is the first concern, a S/C ratio of about 1-2

appears to be ideal.

—®&— Methane conversion
—=®&— Hydrogen recovery

o
[e)]
1

—A— Hydrogen selectivity

o
(9]
1

>
=
=
=
|9
Q@
]
w0
2
m 0.4 =
>
)
3 034
]
]
o
c 024
5 0.2
2 \ L -
g R >
€ 0.1 b 4
(o]
k3
0.0 | : | : , :
1 2 3 4 5

Steam to carbon ratio

Figure 28: Effect of steam to methane ratio on Tube-12 mm MR performance at 873 K, 10 bar feed pressure.
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Figure 29: Mass flow rate of hydrogen at the Tube-12 mm outlets for 0.0001 kg/s feed flow rate, 873 K operating

temperature, and different steam-to-carbon ratios.

5.4 Effect of Feed Flow Rates

The feed flow rate is essential in determining the overall efficiency of hydrogen production
in methane reforming. It has a direct effect on the gases' residence time in the reformer. To
improve system efficiency, the influence of feed flow rate on hydrogen production is tested
at 1.00 x 1075, 1.00 x 1074, 1.00 x 1 0%, and 1.00 x 1072 kg/s rates on the Tube-12 mm MR
configuration. Figure 30 shows the effect of feed flow rate on MR performance under the

following conditions: S/C of 3, a temperature of 873 K, and a pressure of 10 bar.

Methane conversion drops with an increasing feed flow rate. At low feed flow rates (1x107°
kg/s), the conversion is relatively high, about 0.57. Beyond this point, conversion gradually
decreases, reaching roughly 0.06 at higher feed flow rates. At a low flow rate, methane
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remains in the reactor for a longer time, allowing for more conversion. As the flow rate
rises, the residence time falls, resulting in conversion reduction due to insufficient time for
the reaction to achieve equilibrium. When the feed flow rate increases, hydrogen recovery
falls greatly. Initially, at low flow rates, hydrogen recovery is strong, exceeding 0.31, but
rapidly reduces at increasing flow rates to 0.01 at a flow rate of 0.01 kg/s. Higher hydrogen
recovery at lower feed flow rates indicates that more hydrogen passes through the
membrane since the process has more time to create and separate hydrogen. As the feed
flow rate increases, less hydrogen is recovered because the residence time decreases,
limiting the amount of hydrogen that can permeate through the membrane. The selectivity
for hydrogen production over carbon monoxide and carbon dioxide decreases with higher
feed flow rates. This occurs because carbon species are produced from the slower reaction

kinetics of reactions 2 and 3.
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Figure 30: Effect of feed flow rate on Tube-12 mm MR performance, 3 S/C, 873 K, and 10 bar.

The hydrogen mole fraction on the MR changes with the feed flow rate Figure 31. The
hydrogen contour plots indicate that the lowest hydrogen mole fraction in the reformer is
located near the inlet. This low-hydrogen zone (dark blue) extends axially as the feed flow
rate increases due to the shorter residence time of reactants. At lower feed flow rates, more
hydrogen is observed on the tube side, leading to higher hydrogen recovery. Additionally,
the hydrogen flux at the reactor outlet increases with the rising feed flow rate, as the

hydrogen amount is proportional to the inlet feed flux, Figure 32.
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Figure 31: Hydrogen mole fraction distribution on Tube-12 mm at different feed flow rates, under 10 bar feed

pressure, 873 K, and 3 S/C.
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Figure 32: Mass flow rate of hydrogen at the Tube-12 mm outlets at 873 K operating temperature, 10 bar

reformer pressure, and different feed flow rates.

The hydrogen flux rate has its highest value at the highest feed flow rate (0.01 kg/s) Figure
33, this is the effectiveness of the sweep gas to keep the hydrogen partial pressure low on

the tube side.
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Figure 33: Hydrogen flux rate along the membrane length for Tube-12 mm membrane reactor at different feed

flow rates, at 10 bar feed pressure, 3 S/C, and 873 K.

5.5 Effect of Flow Configuration

The performance of the MR for counter-current and co-current direction of feed and sweep
flows, in terms of methane conversion, is represented in Figure 34. At 873 K, 3 S/C, and
0.0001 kg/s sweep and feed flow rates on Tube-12 mm at different feed pressures. At a
feed pressure of 5 bar, co-current flow exhibits higher methane conversion compared to
counter-current flow. However, as the pressure increases to 10 bar, the conversion rates for
both configurations become nearly identical. Further increasing the pressure to 15 bar

results in counter-current flow achieving higher methane conversion than co-current flow.

This trend can be attributed to the differing driving forces for hydrogen permeation in each

configuration. In co-current flow, the driving force is substantial at the reactor's entrance
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but diminishes along its length, leading to decreased methane conversion at higher
pressures. Conversely, counter-current flow maintains a more uniform driving force
throughout the reactor, enhancing methane conversion as pressure increases. The highest
hydrogen recovery and hydrogen selectivity recodes for the counter-current flow configure

at 15 bar feed pressure, Figure 35 and Figure 36.
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Figure 34: Methane conversion on Tube-12 mm at 873 K, feed flow rate 1*10* kg/s, and 3 S/C, for co-current

and counter-current flow configurations.
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Figure 35: Hydrogen recovery on Tube-12 mm at 873 K, feed flow rate 1*10* kg/s, and 3 S/C, for co-current and

counter-current flow configurations.
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Figure 36: Hydrogen selectivity on Tube-12 mm at 873 K, feed flow rate 1*10* kg/s, and 3 S/C, for co-current

and counter-current flow configurations.

Figure 37 shows the hydrogen flux rate across the membrane for both flow configurations
at different feed pressures, highlighting the impact of flow direction. In the counter-current
configuration, the sweep gas enters at 0.5 m axial length, resulting in a permeation rate that
peaks at the retentate outlet of the MR. In the co-current configuration, the hydrogen flux

rate exhibits it is peak near the reformer inlet.
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Figure 37: Co-current and counter-current flow configurations hydrogen flux rate along the membrane length

for Tube-12 mm MR at feed rate 1 x 10 kg/s, 3 S/C, and 873 K.

Figure 38 illustrates that the hydrogen mole fraction is consistently higher on the permeate
side in the counter-current configuration across all pressure values. Consequently, the
counter-current configuration achieves the highest hydrogen mass flow rate at the permeate

outlet for all pressure conditions, as shown in Figure 39.
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Figure 38: Co-current and counter-current flow configurations mass flow rate of hydrogen at Tube-12 mm

outlets for 0.0001 kg/s feed flow rate, 873 K operating temperature, and different pressure.
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Figure 39: Hydrogen mole fraction distribution on Tube-12 mm for co-current and counter-current flow

directions under 10 bar feed pressure, 873 K, and 3 S/C.

88




5.6 Effect of Membrane Tube Configuration

The methane conversion, hydrogen recovery, and hydrogen selectivity for the three tubes
configures at 5 bar, 10 bar, and 15 bar reformer side pressure, are summarized in Figure

40, Figure 41, and Figure 42, respectively.

Across all operating pressures (5, 10, and 15 bar) at 873 K, 3 S/C, and equal flow rates for
feed and sweep at 0.0001 kg/s, methane conversion slightly increases as the tube diameter
increases. Tube-12 mm initially shows a methane conversion of about 0.42 at 5 bar,
decreasing to around 0.29 at 15 bar, for Tube-10 mm starts around 0.41 at 5 bar and
decreases to approximately 0.26 at 15 bar, and for Tube-8 mm the methane conversion
drops from about 0.39 at 5 bar to 0.25 at 15 bar. Methane conversion declines with
increasing pressure, this is likely due to reaction kinetics and equilibrium limitations at

higher pressure. Tube-12 mm remains the most efficient for methane conversion.
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Figure 40: Methane conversion for the three MR configures. Reformer feed pressure of 5, 10, and 15 bar,

temperature at 873 K, and 3 S/C.

Hydrogen recovery increases with pressure but varies with tube diameter. Tube-8 mm
consistently shows the highest hydrogen recovery across all pressures. At 5 bar feed
pressure, hydrogen recovery is moderate for all tubes, but it is notably higher for Tube-8
mm. At higher pressures (10 and 15 bar), hydrogen recovery improves significantly due to
the hydrogen partial pressure increase, which enhances the driving force for hydrogen
permeation. The gap between Tube-12 mm and Tube-10 mm is relatively small, but the
gap between Tube-8 mm and the other tubes is wide, especially for higher pressure. This
suggests that Tube-8 mm may be the best suitable for efficient hydrogen recovery at higher
pressures compared to the others. Hydrogen selectivity, which indicates the selectivity to

produce hydrogen over other carbon, shows a similar trend to hydrogen recovery. Tube-8
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mm demonstrates the highest selectivity across all pressures, that’s justified the higher

hydrogen recovery for Tube-8 mm.
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Figure 41: Hydrogen recovery for the three MR configures. Reformer feed pressure of 5, 10, and 15 bar,

temperature at 873 K, and 3 S/C.
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Figure 42: Hydrogen selectivity for the three MR configures. Reformer feed pressure of 5, 10, and 15 bar,

temperature at 873 K, and 3 S/C.

Figure 43 illustrates the hydrogen flux rate across three membrane tubes of varying
diameters. The membrane reactor with the lowest tube diameter achieves the highest
hydrogen flux along the membrane length. This results in the best performance in terms of

methane conversion and hydrogen separation.
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Figure 43: Hydrogen flux rate along the membrane length for three MR configures at feed rate 1 x 10 kg/s, 3

S/C, and 873 K.

Better radial hydrogen distribution along the membrane tube improves hydrogen flux
through the membrane. Figure 44 illustrates the hydrogen mole fraction contours for
various MR configurations. In the Tube-8 mm, hydrogen permeation extends into the bulk

on the reformer side. This justifies the higher hydrogen flux rate at Tube-8 mm.
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Figure 44: Hydrogen mole fraction distribution for different MR configures under 10 bar feed pressure, 873 K,

and 3 S/C.

5.7 Effect of Shell Volume

Tube-12 mm has a variance in hydrogen mole fraction on the shell side Figure 44,

minimizing the shell volume is expected to suppress the hydrogen on the bulk towards the
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membrane film and lead to increased hydrogen permeation through the membrane film. A
membrane tube with a 12 mm diameter and 20 mm pitch size (Tube-12 mm modified) with
membrane surface areas to reformer volume ratio at 131 m* tested for 0.0001 kg/s, 3 S/C,
and 10 bar feed pressure. The methane conversion dropped to 0.26 compared to 0.30 for
Tube-12 mm Figure 45. The hydrogen recovery drops to 0.08 from 0.12 on Tube-12 mm.
Hydrogen selectivity raised slightly on Tube-12 mm modified. This result confirms (Bian
and Xia) work [64]. In steam methane reforming within a membrane separation reactor, a
smaller shell volume leads to reduced overall hydrogen production due to the elevated
hydrogen partial pressure, which inhibits further hydrogen generation. Similarly, the
conversion rate decreases in smaller shell volumes for the same reason. The total hydrogen
recovery through the membrane tube is lower in the modified configurations with a smaller
shell volume, Figure 46. Moreover, the modified Tube-12 mm configuration exhibits a
higher hydrogen flux rate in the uniform region along the membrane length, attributed to

the increased hydrogen partial pressure, Figure 47.
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Figure 45: Methane conversion, Hydrogen recovery, and selectivity on Tube-10 mm, Tube-12 mm, and modified

Tube-12 mm, at 0.0001 kg/s feed flow rate, 873 K, 10 bar, and 3 S/C.

Hydrogen mole fraction contours on the modified Tube-12 mm Figure 44. Hydrogen
permeation is limited to the narrow region on the tube side. The Tube-12 mm with a 12

mm diameter and 22.3 mm pitch size is optimal for hydrogen recovery over the modified

Tube-12 mm with lower shell volume.
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Figure 46: Mass flow rate of hydrogen at the Tube-12 mm and Tube-12 mm modified outlets for 0.0001 kg/s feed

flow rate, 873 K operating temperature, and different steam-to-carbon ratios.
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Figure 47: Hydrogen flux rate along the membrane length for Tube-12 mm and Tube-12 mm modified MR

configures at feed rate 1 x 10" kg/s, 3 S/C, and 873 K.

98




CHAPTER 6
CONCLUSIONS, RECOMMENDATIONS, AND

LIMITATIONS

The potential for scaling up membrane reactors for industrial hydrogen production
emphasizes the need for optimal reactor design and operational conditions. By optimizing
the membrane reactor, methane leakage can be minimized, reducing greenhouse gas
emissions, and enhancing the environmental profit of blue hydrogen as a green fuel. These
conclusions provide a comprehensive realization of the critical factors that impact the
efficiency of steam methane reforming on MR, paving the way for more effective and

environmentally friendly hydrogen production technologies.

e While high pressures are necessary for effective hydrogen separation in membrane
reactors, they tend to reduce the methane conversion efficiency. This inverse
relationship suggests a need for careful pressure optimization to balance methane
conversion and hydrogen recovery.

e Increasing the steam to carbon ratio improves methane conversion and negatively
impacts hydrogen recovery.

e Higher pressures enhance hydrogen recovery for all tubes, but the smaller tube
performs the best. The trend indicates that increasing pressure favors higher hydrogen
recovery across all tube types.

e The feed flow rate is a critical parameter in methane reforming processes, as it directly

affects methane conversion, hydrogen recovery, and hydrogen permeation. Lower feed
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flow rates favor higher methane conversion and higher hydrogen recovery, due to
longer reactants’ residence time.

e Larger membrane tube diameter shows the best methane conversion. And the smaller
tube diameter configure shows best the hydrogen recovery, and selectivity across all
pressure levels. These results suggest that the choice of tube has a significant impact
on hydrogen recovery and optimizing pressure conditions could further enhance
recovery.

e The larger shell side volume enhances methane conversion and hydrogen recovery.

e The selection of MR dimensions should be based on target methane conversion,
hydrogen recovery, and hydrogen selectivity for the specific process requirements.

e Further investigating the membrane reformer dimensions of the tube and pitch size is
recommended under higher feed pressure, to underline the tube and pitch size for best
methane conversion and hydrogen recovery. Additionally, studying the effect of the

membrane length on the hydrogen recovery.

The computational tools and approaches used in my thesis research are the main source of
its limitations. Although ANSYS Fluent provides strong simulation and visualization
platforms, the analysis's coverage may be limited by their built-in limitations, which
include predefined modeling capabilities and numerical approximations. Furthermore, the
study's results rely on the accuracy of the assumptions, boundary conditions, and input data
used, all of which might fail to accurately reflect the complexity of the real world. The
investigation of a wider range of cases and characteristics was also constrained by time

restrictions and the processing demands of high-High-precision modeling.
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Appendix [A]: Reaction Rate Code

/**********************************************************

************/

/* The reaction rate were taken from this paper

"1989 Methane Steam Reforming, Methanation and Water-Gas
Shift: 1. Intrinsic Kinetics" */

#include "udf.h"
DEFINE VR RATE (myrate,c,t,r,wk,yk,rate,rr t)
{

/*If more than one reaction is defined, it is necessary to
distinguish

between these using the names of the reactions. */

float pl[6]; /* partial pressure for each specie
*/
float g[5]; /* adsorption rate from Arrhenius

equation */

float w[3]; /* Reaction rate from Arrhenius
equation */

float s[3]; J*ORRR2222222222°2°222222222222202022 %/
real xc[ND ND]J; /* for any dimension geometry */
float y[6]; /* Molar weight for each specie */

//int ds=1870;

//float b=exp(30.42-27106/C T(c,t));

//float d=exp(-3.798+4160/C_T(c,t));

//float o=exp(34.218-31266/C T(c,t));///original

//float o=exp(37-31266/C T(c,t)); //changed
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float b=pow (10, (13.076-11650/C T(c,t))); /* equilibrium
constant for rate O ?? */

float d=pow (10, (-1.764+1910/C T(c,t))); /* equilibrium
constant for rate 1 ?? */

float o=pow (10, (11.312-9740/C T(c,t))); /* equilibrium
constant for rate 2 ?? */

/* For calculating the Molar fraction for each specie */

float
bb=((C_YI(c,t,O)/l6)+(C_YI(c,t,l)/l8)+(C_YI(c,t,2)/28)+(C_Y
I(c,t,3)/2)+(C_YI(c,t,4)/44)+ (C_YI(c,t,S)/28));

int cc[6]={16,18,28,2,44,28}; /* Molecular weight for
each specie === CH4 , H20 , CO , H2 , CO2 , N2 */

float g; /* For calculating the demenator of each rate */

/* The pre exponential coeff. (m[i]) of adsorption and
delta H f[5] for each specie were taken from paper:

Methane Steam Reforming, Methanation and Water-Gas Shift:
1. Intrinsic Kinetics, 1989*/

float m[5]={6.65/(10000), 1.77*100000, 8.23/(100000),
6.12/(1000000000), 2}; /* pre-exponential co-effiients for
each specie adsorption*/

int £[5]={-38280, 88680, -70650, -82900, 2}; /*
delta H for each specie at respective refernce
temeprature*/

/* The pre exponential coeff. (n[i]) and activation energy
j[i] for each reaction were taken from paper:

Methane Steam Reforming, Methanation and Water-Gas Shift:
1. Intrinsic Kinetics, 1989*/

float n[3]={(4.225*1000000000000000), (1.955*1000000),
(1.020*1000000000000000) }; /* pre-exponential co-effiients
for each reaction*/
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int j[3]={240100, 67130, 243900};
/*activation energy for each reaction*/

int i=0;

/*Message ("Cell number: $f\n",UNIVERSAL GAS CONSTANT) ;*/
/* For calculating the partial pressure of species */

C CENTROID(xc,c,t);

/*Message ("pressure : $f\n", C P(c,t));*/

/* Molar fraction for each specie */

/* where CyIl is the mass fraction of specie, b.b is the
mixture, and c.c is the Molecular weight */

y[i]=C YI(c,t,1)/ (bb*cc[i]); /* Molar fraction for
each specie where CyI is the mass fraction of specie */

}

/* then calculate the partial pressure for each specie */

p[0] = ((C_P(c,t))/101325)*y[0]; /* partial pressure of
CH4 *x/

pll] = ((C_P(c,t))/101325)*y[1]; /* partial pressure of
H20 */

pl2] = ((C_P(c,t))/101325)*y[2]; /* partial pressure of
co */

pl3] = (((C_P(c,t))/101325)*y[3]); /* partial pressure of
H2 */

pl4] = ((C_P(c,t))/101325)*y[4]; /* partial pressure of
Co2 */

p[5] = ((C_P(c,t))/101325)*y[5]; /* partial pressure of
N2 */
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/* for calculating the adsorption rate g(i)for each specie

*/

glil=m[i]*exp ((-f[1]/(8.314*C_T(c,t)))); /*
adsorption rate from Arrhenius equation */

//Message ("pp : $f\n", pli]);

}

//Message ("pt : %f\n", (C P(c,t))/101325);
//Message ("den : $f\n", C R(c,t));

/* for calculating the reaction rate w(i)for each reaction

wlil=n[i]*exp ((-3[1]/(8.314*C T(c,t)))); /* Reaction
rate from Arrhenius equation */

}

/* For calculating the demenator of each rate */
g=l+g2]*p[2]+g[3]*p[3]+g[0]*p[0]+g[1]*p[1]/pP[3];
if (!strcmp (r->name, "reaction-1"))

{

/* Reaction 1 */

*rate = 1* ((w[0]/pow (p[3]1,2.5))* (p[0]1*p[1l]-
pow (p[3]1,3)*p[2]/b) /pow(q,2));

*rr t = *rate;
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/* No "return..;" value. */

/*Message ("reaction 1");*/

//Message ("rl : Sf\n", *rr t);

//Message ("tl : %$f\n", .5194);

//Message ("t2 : %f\n", (w[0]/pow (p[3],2.5)));
//Message ("t3 : $f\n", (p[0]*p[l]l-pow(p[3]1,3)*pl[2]/b));
//Message ("t4 : $f\n", pow(qg,2));
//Message ("T : $f\n", C T(c,t));

//Message ("P : $f\n", C P(c,t));

}

else if (!strcmp(r->name, "reaction-2"))

{

/* Reaction 2 */

*rate = 1* ((w[l]/pow(p[3]1,1))*(p[1l]l*p[2]-
pow (p[3]1,1)*p[4]1/d) /pow(q,2));

*rr t = *rate;

/* No "return..;" value. */

/*Message ("reaction 2");*/

//Message ("r2 : %f\n", *rr t);

}

else if (!strcmp(r->name, "reaction-3"))
{

/* Reaction 3 */

*rate = 1*((w[2]/pow(p[3],3.5))*(p[0]*pow(p[1],2)-
pow (p[31,4) *p[4]/0) /pow(q,2));

*rr t = *rate;
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/* No "return..;" value. */
/*Message ("reaction 3");*/

//Message ("r3 : S$f\n", *rr t);

}

else

{

Message ("UDF is not read");

/* Message ("Unknown Reaction\n"); */
Message ("UDF is not read");

}

/* Message ("Actual Reaction: %s\n", r->name) ;

}

*/
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Appendix [B]: Hydrogen Permeation Code

/* UDF for hydrogen permation through pd membranes */
#include "udf.h"

#define WALLSIDE1l 8

#define WALLSIDEZ2 17

#define P 0 101325

#define UDM NEIGHBOUR C 0

#define UDM NEIGHBOUR TC 1

#define UDM MASS SOURCE 2

#define UDM flux 3

#define UDM fluxperarea 4 /* Number of memories should
be 5 */

#define TOLERANCE 1E-10
#define SPECIES NUMBER 0
DEFINE INIT (init functionright,d)
{

Thread *tcl, *tc2;

Thread *tfl, *tf2;

cell t cl, c2;

face t f1, f2;

real f cl[3], £ c2[3];

thread loop c(tcl,d)

{

begin ¢ loop(cl,tcl)

{
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C UDMI (cl,tcl,UDM NEIGHBOUR C) = 0.0;

C _UDMI (cl,tcl,UDM NEIGHBOUR TC)

Il
o
o
N

C UDMI (c1,tcl,UDM MASS SOURCE)

Il
O
O
~

}

end c loop(cl,tcl)

tfl

Lookup Thread(d, WALLSIDEI) ;

tf2 = Lookup Thread(d,WALLSIDEZ) ;

begin f loop (fl,tfl)

F_CENTROID(f cl,fl,tfl);
cl = F CO(f1,tfl);
tcl = THREAD TO (tfl);
begin f loop (f2,tf2)
{
F_CENTROID(f c2,f2,tf2);
if (fabs(f cl[0]-f c2[0]) <= TOLERANCE &&
fabs(f cl[1]-f c2[1]) <= TOLERANCE &&

fabs (f_c1[2]-f c2[2]) <= TOLERANCE )

c2 = F CO(f2,tf2);

tc2 = THREAD TO (tf2);

C_UDMI (cl,tcl,UDM NEIGHBOUR C) = c2 + 0.1;

C_UDMI (c2,tc2,UDM NEIGHBOUR C) = cl + 0.1;

C_UDMI (cl,tcl,UDM NEIGHBOUR TC) = THREAD ID(tc2) +
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C UDMI (c2, tc2,UDM NEIGHBOUR TC) = THREAD ID(tcl)

}
end f loop (f2,tf2)

}

end £ loop(fl,tfl)
Message ("\n Membrane initialisation completed.\n");
}
DEFINE SOURCE (source massright,c,t,ds,eqn)
{

ds[egn] = 0.0;

return C UDMI (c,t,UDM MASS SOURCE) ;
}
DEFINE ADJUST (adjust sourcesright, d)
{

Thread *tcl, *tc2;

Thread *tfl;

cell t cl, c2;

face t f1;

real mass flux, face area, face area vector[3];

real

massfracl CH4,massfracl H20,massfracl CO,massfracl HZ,massf

racl CO2,massfracl N2Z,cell volumel;

real

massfrac2 CH4,massfrac2 H20,massfracZ2 CO,massfrac2 HZ,massf

rac2 CO2,massfrac2 N2,cell volumeZ2;

real molefracl H2,molefrac2 HZ2;
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real CH4 mwt,H20 mwt,CO mwt,HZ2 mwt,COZ mwt,N2Z mwt;
real P1,P2,PPl,PP2, Ah;
CH4 mwt=16;
H20 mwt=18;
CO mwt=28;
H2 mwt=2;
COZ2 mwt=44;
N2 mwt=14;
Ah=0.4/1000*H2 mwt;
tfl = Lookup Thread(d,WALLSIDEL) ;
begin f loop(fl,tfl)
{
F AREA (face area vector,fl,tfl);
face area = NV _MAG (face area vector);
cl = F CO(f1,tfl);
tcl = THREAD TO(tfl);
cell volumel = C VOLUME (cl,tcl);
c2 = (int)C _UDMI (cl,tcl,UDM NEIGHBOUR C) ;

tc2 = Lookup Thread(d,
(int)C_UDMI(cl,tcl,UDM_NEIGHBOUR_TC));

cell volumeZ2 = C VOLUME (c2,tc2);

massfracl CH4 C YI(cl,tcl,0);

massfrac2 CH4 C YI(c2,tc2,0);

massfracl H20 C YI(cl,tcl,1);

massfracZ2 HZ20 C YI(c2,tc2,1);
massfracl CO = C YI(cl,tcl,2);
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massfrac2 CO = C YI(c2,tc2,2);

massfracl H2 = C YI(cl,tcl,3);

massfrac2 H2 C YI(c2,tc2,3);

massfracl CO2 C YI(cl,tcl,4);

massfrac2 COZ C YI(c2,tc2,4);

massfracl N2 = C YI(cl,tcl,5);
massfrac2 N2 = C YI(c2,tc2,5);

molefracl H2=(massfracl H2/H2 mwt)/((massfracl CH4/CH4 mwt)
+ (massfracl H20/H20 mwt)+ (massfracl CO/CO mwt)+ (massfracl H
2/H2 mwt)+ (massfracl CO02/CO2 mwt)+ (massfracl N2/N2 mwt));

molefrac2 H2=(massfrac2 H2/H2 mwt)/((massfrac2 CH4/CH4 mwt)
+ (massfrac2 H20/H20 mwt)+ (massfrac2 CO/CO mwt)+ (massfrac2 H
2/H2 mwt)+ (massfrac2 CO02/CO2 mwt)+ (massfrac2 N2/N2 mwt));

Pl = molefracl H2*(C P(cl,tcl)+P 0);

P2 = molefrac2 H2*(C P(c2,tc2)+P 0);
PP1=P1/P 0;
PP2=P2/P 0;

mass_ flux = face area * Ah * exp (-
10700/ (8.314*C T(c2,tc2)))* (pow(PP1,0.5) -pow (PP2,0.5));

C _UDMI (cl,tcl,UDM MASS SOURCE) = -mass flux /
cell volumel;

C_UDMI (c2,tc2,UDM MASS SOURCE) = +mass_ flux /
cell volumeZ;

C UDMI (c2,tc2,UDM flux) = mass flux;
C UDMI (c2,tc2,UDM fluxperarea) = mass_ flux }

end f loop(fl,tfl)
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