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CHAPTER 1

INTRODUCTION

1.1 INTRODUCTION

Adsorption is a physical phenomena where molecules of various fluids
get attached due to the presence of vanDer Waal’s force and/or electrostatic
force on to the active surfacéé of some solids. Because of the difference in
polarity and molecule size between fluid and solid, molecules of gas or
liquid, as soon as they come into contact with the solid surface, adhere to it.
Because of the above mentioned phenomena and because of its reversibility,
particular solids can be utilized to separate gases or liquids from a

homogeneous mixture.

1.2 ADSORPTION AS A SEPARATION TECHNIQUE

Perhaps, the most 'familiar example of such a process is the use of an
adsorption column, packed with a suitable hydrophilic adsorbent, as a drier
for the removal of traces of moisture from either gas or liquid streams.
Similar processes are also in common use on a large scale for the removal of

undesirable impurities such as H,S and mercaptans from natural gas and
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organic pollutants from water. Such processes are conveniently classified as
purification processes since the adsorbable components are present at low
concentrations and have little or no economic value, and therefore are not
frequently recovered. The economic benefit of the process is derived entirely
from the increase in the purity and value of the stream containing the major

component.

The application of adsorption as a means of separating mixtures into two
or more streams, each enriched in a valuable component which is to be
recovered, is a more recent development. Early examples include the arosorb
process for recovery of aromatic hydrocarbons which was introduced in the
early 1950s and a variety of processes, first introduced in the early 1960s, for
the separation of linear paraifins from branched and cyclic isomers. During
the 1970s there has been a significant increase in both the range and scale of
such processes. The economic incentive has been the escalation of energy
prices, which has made the separation of close boiling components by
distillation a costly and uneconomic process. For such mixtures it is
generglly possible to find an adsorbent for which the adsorption separation
factor is much greater than the relative volatility, so that a more economic
adsorptive separation is in principle possible. However for an adsorption
process to be devéloped on a commercial scale,the availability of a suitable
adsorbent in tonnage quantities at economic cost is required. This has
stimulated fundamental research in adsorption and led to the development of

new adsorbents [6].



1.3 SELECTIVITY

The primary requirement for an economic separation process is an
adsorbent with sufficiently high selectivity, capacity and life. The selectivity
may depend on a difference in either adsorption kinetics or adsorption

equilibrium. The equilibrium separation factor is defined as

_ Xal¥a

(1.1)
Xa!Ys

GAB

where x,andy, are, respectively, the mole fracfions of component A in

adsorbed and fluid phases at equilibrium.

The search for a suitable adsarbent is generally the first step in the
development of an adsorption process. Since the separation facior generally
varies with temperature and often also with composition, the choice of

suitable conditions to maximize the separation factor is a major consideration

in process design.

Kinetic separations are in general possible only with molecular sieve
adsort;ents such as zeolites or carbon molecular sieves. The kinetic
selectivity is measured by the ratio of the micropore or intracrystalline
diffusivities for the components considered. Differences in diffusion rates
between molecules of comparable molecular weight become large enough to
provide a useful separation only when diffusion is hindered by steric effects.

This requires that the diameter of the micropore be comparable with the
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dimensions of the diffusing molecule. Molecular sieve separations, which
depend on the virtually complete exclusion of the larger molecule from the
micropores, as in the separation of linear from branched and cyclic
hydrocarbons on 5A zeolite, may be regarded as the extreme limit of a
kinetic separation in which the rate of adsorption of one component is
essentially zero. Because the geometric requirements for a molecular sieve
separation are stringent, such separations are less common than separations
based on differences in adsorption equilibrium or on moderate differences in

intracrystalline diffusivity [6].

1.4 PRACTICAL ADSORBENTS

The requirement for adequate adsorptive capacity restricts the choice of
adsorbents for practical separation processes to microporous adsorbents
with pore diameters ranging from a few Angstroms to few tens of Angstroms.
This includes both the traditional microporous adsorbents such as silica gel,
activated alumina, and activated carbon as well as the more recently

developed crystalline aluminosilicates or zeolites.

1.4.1 Silica Gel

Silica gel is a partially dehydrated form of polymeric colloidal silicic acid.

The chemical composition can be expressed as Si0,.nH,0. The water content,
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which is present mainly in the form of chemically bound hydroxyl groups,

amounts typically to about 5 wt%.

The presence of hydroxyl groups imparts a degree of polarity to the
surface so that molecules such as water, alcohols, phenols, and amines
(which can form hydrogen bonds) and unsaturated hydrocarbons (which can

from n -complexes) are adsorbed in preference to nonpolar molecules such

as saturated hydrocarbons.
1.4.2 Activated Alumina

Activated alumina is a porous high-area form of aluminum oxide,
prepared either from bauxite (A1,0,.3H,0) or from the monohydrate by
dehydration and recrystallization at elevated temperature. The surface is
more strongly polar than that of silica gel and has both acidic and basic

characteristic, reflecting the amphoteric nature of the sorbent.

1.4.3 Activated Carbon

Activated carbon is normally made by thermal decomposition of
carbonacous material followed by activation with steam or carbon dioxide at
elevated temperature (700-1100°C). The activation process involves

essentially the removal of tarry carbonization products formed during the

pyrolysis, thereby opening the pores.

1.4.4 Carbon Molecular Sieves
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Activated carbon adsorbents generally show very littie selectivity in the
adsorption of molecules of different sizes. However, by special activation
procedures it is possible to prepare carbon adsorbents with a very narrow

distribution of micropore size and which therefore behave as molecular

sieves.
1.4.5 Zeolites

Zeolites are porous crystalline aluminosilicates. The zeolite framework

consists of an assemblage of SiO, and AIO, tetrahedra, joined together in

various regular arrangements through shared oxygen atoms, to form an open
crystal lattice containing pores of molecular dimensions into which guest
molecules can penetrate. Since the micropore structure is determined by the
crystal lattice, it is precisely uniform with no distribution of pore size. It is

this feature which distinguishes the zeolites from the traditional microporous

adsorbents.
1.4.6 Ion Exchange Resins

lon exchange is the reversible interchange of ions between a liquid and
solid, in which there are no permanent changes in the structure of the solid.
Since the transfer of ions between phases occurs at a solid surface, ion

exchange can be considered as a sorption process and has many similarities

with adsorption.
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lon exchange materials consist of an organic or inorganic network
structure with attached functional groups. Most ion exchange materials used
in adsorption are synthetic resins made by the polymerization of organic
compounds into a porous three-dimensional structure. lon exchange resins
are called cationic if they exchange positive ions and anionic if they
exchange negative ions. Cation exchange resins have acidic functional
groups, such as sulfonic, whereas anion exchange resins contain basic
functional groups, such as amine. lon exchange resins act as adsorbents for

many chemicals such as phenol, methanol etc.

1.5 THEORY OF ADSORPTION

In the literature the isotherms of physical adsorption are divided into five

classes, as shown in Figure 1.1.

The isotherms for true microporous adsorbents, in which the pore size is
not very much greater than the molecular diameter of the sorbate molecule,
are normally of type |. This reéult arises in such adsorbents because there is
a definite saturation limit corresponding to complete filling of the micropores.
If there is any intermolecular attraction effects, an isotherm of type V is
observed. In the (;ase of formation of two surface layers either on a plane
surface or on the wall of a pore very much wider than the molecular

diameter of sorbate, an isotherm of type IV is seen. Isotherms type Il and I
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are generally observed only in adsorbents in which there is a wide range of

pore sizes.

Although there are five different classes of isotherms, normally only two
types of isotherms, type | and [l, are encountered in most practica! situations.

1.5.1 Linear Isotherm

This type of relationship is valid only for the dilute system, where the
fluid and solid phase concentration follow Henry's law. The equilibrium

relationship is given by
g = Kc (1.2)
1.5.2 The Langmuir Isotherm

This is the simplest theoretical model for monolayer adsorption.

According to this model, the equilibrium relationship is given by

q 1+bc

s

q _ _be

(1.3)

1.5.3. Other Nonlincar Adsorption Isotherms - Langmuir-Freundlich

Because of the limited success of the Langmuir model in predicting
mixture equilibria, several authors have modified the equations by the

introduction of a power law expressidn of Freundlich :



Besides these, many other isotherm models exist such as, Statistical

Model isotherm, BET isotherm etc.

1.6 ADSORPTION SEPARATION PROCESSES

Adsorption, as a separation technique is a popular mode of operation
since early 50’s. Since then, adsorption processes have been employed to
separate a particular gas from a gas mixture, and in the purification of some

liquids where distillation and other methods are inapplicable.

Adsorption separation processes depend on the preferential adsorption
of a component or a family of similar components from a bulk feed. The
selectivity of the adsorbent, which may depend on differences in sorption
equilibrium, or, less commonly on a difference in sorption Kkinetics, is

therefore an important factor in determining the viability of any such process.

Adsorption separation processes can be divided into two broad classes:
cyclic batch and countercurrent operation. A useful and comprehensive
review of adsorption technology has been given by Wankat [S]. The traditional

mode of operation of an adsorption separation process (cyclic batch
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operation) is shown schematically in Figure 1.2(a). As an alternative, an
equivalent countercurrent system can be considered, which is shown in
Figure 1.2(b). The main advantage of the countercurrent arrangement is that,
as in a heat exchanger, countercurrent flow maximizes the average driving
force, thus increasing the efficiency of utilizing adsorbent [4]. Countercurrent
operation requires circulation of solid, which is obviously more difficult than
circulating adsorbing liquid. However, from early 50’s researchers have
contributed a great deal of work in the field of countercurrent adsorption
systems resulting in the development of a wide range of industrially

important continuous countercurrent adsorption separation processes.

1.6.1. Continuous Countercurrent Systems

Countercurrent contact maximizes the driving force for mass transfer and
therefore provides, in principle, more efficient utilization of the adsorbent
capacity than is possible in a simple batch-contacting system. However, for
countercurrent contact it is necessary to either circulate the adsorbent, as
shown in Figure 1.2(b), or appropriately design a countercurrent process
which is complex and reduces operational flexibility. It is evident that for
relatively easy separations (high separation factor and adequate mass
transfer rates) the balance of advantage will lie with a simple batch system;

but for difficult separations in which selectivity is limited or mass transfer is
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slow, the advantage of a continuous countercurrent system in reducing the
required inventory of adsorbent must eventually outweigh the disadvantages

of the more complex engineering.

Simulated countercurrent adsorption processes, in which fluid inlet and
outlet points are switched at intervals through a fixed adsorbent bed in order
to simulate the effect of continuous countercurrent contact, have been
developed for a number of industrially important separations including the

separation of glucose and fructose (the Sarex process).

1.7. DESCRIPTION OF SIMULATED MOVING BED AND CONTINUOUS
COUNTERCURRENT ADSORPTION PROCESSES

1.7.1 Continuous Countercurrent Adsorption

Mass transfer operations are commonly carried out in continuous counter
current systems since this mode of contact maximizes the driving force and
therefore the efficiency of the process. To achieve continuous countercurrent
contact in an adsorption system requires circulation of the solid adsorbent.
The circulation of the solid adsorbent can be achieved either by mechanically
moving the solid phase countercurrently with respect to the fluid phase or by

simulating the countercurrent movement.

It has proved generally more economic to use a simulated countercurrent

system in which countercurrent flow is simulated by moving feed and draw
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off points at fixed time intervals, sequentially through the adsorbent bed in
the direction of the fluid flow. Processes based on this principle have been
developed for a number of commercially important separations (paraxylene
from mixed C, aromatics, fructose from an aqueous fructose-glucose mixture,

olefins from paraffins etc.)

1.7.2 Simulated Moving Bed Adsorption

Most of the benefit of countercurrent operation can be achieved without
the problems associated with moving the solid adsorbent by using a multiple
column ( or multiple section) fixed-bed system, with an appropriate sequence
of column switching designed to simulate a counter flow system. The basic
principle is illustrated in Figure 1.3, although obviously many variants are
possible. At each switch a fully regenerated column is added at the outlet of
the adsorption side which is approaching breakthrough while the fully loaded
column at the feed end of the adsorption side is switched to the outlet end of
the regeneration train. In this way the adsorbent is seen to be in effect
moving counter current to the fluid flow direction in both adsorption and
regeneration trains. With sufficiently small elemental beds switched with

appropriate 'frequency, such a system becomes a perfect analog of a

countercurrent flow system.

In this process the adsorbent is contained in a number of identical
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columns connected in series through pneumatically controlled switch valves
which allow the introduction of feed or eluent or withdrawal of product
between any pair of columns. The cascade is divided into four sections;
section | between desorbent iniet and extract withdrawal, section Il between
extract withdrawal and feed inlet, section Il between the feed inlet and
raffinate withdrawal points and section IV between raffinate withdrawal and
the desorbent recirculation point. The countercurrent flow is simulated by
advancing the desorbent, extract, feed, raffinate and recirculation points at
specified time intervals by one column in the direction of fluid flow. The
system is thus formally equivalent to the true counter current system
sketched in Fig. 1.4. Every time the feed location will be advanced by one
column, and when the feed location appears again in its initial point, the
whole system is considered to have completed one cycle. Depending upon
the number 6f columns we will have different cycle times. It is evident that a
steady state simulated moving bed process can be approximated by a

continuous countercurrent process.

1.8 SCOPE OF CONTINUOUS COUNTERCURRENT ADSORPTION PROCESSES

The simplest type of adsorptive separation process involves sorption of a
single component or a family of similar species from a solvent or carrier

which is itself not significantly adsorbed. This requires a highly selective
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adsorbent so that a clean separation can be achieved in a few theoretical
equilibrium stages. Examples of such processes, which include the recovery
of small concentration of organic solvents from air, removal of impurities

such as moisture and NO, from air or organics from waste water, sugar
decolorization and some simple ion exchange processes such as water

softening, are given in Table 1.1. Brief detail of two representative systems

are shown in Figure 1.5.

Such processes differ in the mode of solid transport, the manner of fluid-
solid contacting (fixed bed/fluidized bed), the number of stages in the
contactor and the nature of the desorption or regeneration step, which may
involve either near-isothermal displacement or thermal swing aperation in
which the desarption section runs at elevated temperature. In the latter case
the temperature of the adsorbent is higher in the regeneration section of the
bed. The necessary heating and cooling is commonly achieved using a few

stages of the sectioned bed as a heat exchanger.

Steam stripping, which is commonly used in solvent recovery systems,
may be regarded as a hybrid process since desorption is achieved by both
the elevated temperature and the displacing action of the steam. Despite
these important differences, the principle of operation of all these processes

is in essence as sketched in Figure 1.2(b) [7,8].
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1.9 INDUSTRIAL SCALE CONTINUOUS COUNTERCURRENT
ADSORPTION FRACTIONATION PROCESSES

Because of some useful and economic features, continuous counter
current adsorption processes are now-a-days being used widely as an
important industrial separation technique. A summary of some important
countercurrent adsorption fractionation processes which have been operated
commercially is given in Table 1.2. Except for the hyper_sorption process,
which is no longer in operation, all these processes operate on the simulated
moving bed principle using either the cascade arrangement shown in Figure
1.4 or the simplified three section unit shown in Figure 1.6. All these
processes operate in the liquid phase although in principle, either liquid or

vapor phase operation is possible [1,2,5].
1.9.1 ”Sorbex” processes

The Sorbex family of processes which have been developed by UOP for a
variety of industrially important separations operate on the same principle as
the simulated moving bed system as shown in Figure 1.7. The actual
configuration is however somewhat different. This arrangement is shown in
Figure 1.8 . Instead of being contained in discrete beds separated by switch

valves the adsorbent is contained in a single bed which is divided into a
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number of sections. Specially designed flow distributors [3] allow fluid to be
introduced ( or withdrawn) at each section. The flow circuit is completed by a
pump which recirculates fluid from the bottom to the top of the column. At
any time only four of the connections to the column are utilized. Switching of
the flows is accomplished by a single complex rotary valve which, at each
switch, advances the desorbent extract, feed and raffinate points by one
section in the direction fluid flow and at the same time passes the extract and

raffinate streams to the ancillary distillation column.

A summary of other important commercial processes which operate
under the same principle as ‘'SORBEX’ system are included in Table 1.2 and
brief details of some of these systems are discussed below. The economic
advantages of the sorbex type of process is greatest for the separation of
similar sorbates, often isomers, where differences in physical properties are

too small to permit the economic application of more conventional processes

such as distillation.
1.9.2 Parex and Ebex Processes

The xylene isomers (including ethylbenzene) have very similar volatilities
making distillation uneconomic, except perhaps for production of o-xylene.
The Parex process which produces high purity p-xylene from a mixed feed
has been one of the most successful applications of this type of process. The

Ebex process for ethylbenzene recovery was developed more recently.
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1.9.3 Sarex Process

The Sarex process uses the Sorbex principle with a CaY adsorbent to

separate aqueous mixtures of fructose and glucose using water as both

solvent and eluent.
1.9.4 Molex Process

In the Molex process the Sorbex system is used to separate linear from

branched and cyclic hydrocarbon isomers using a 5A zeolite as the size

selective adsorbent.

1.10 SCOPE AND OBJECTIVES OF PRESENT STUDY

1.10.1 Scope of Present Study

From an extensive literature survey, it is evident that though extensive
work has been done in the area of continuous countercurrent adsorption,
there is scope to contribute to this vast growing field of separation science. It
is clear that despite much work, very little has been done so far on unsteady

continuous countercurrent operation along with nonlinear equilibrium

adsorption.
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Complications arise due to the coupling of various process parameters
especially the nonlinear equilibrium relationship between the components.
And it is very difficult to predict the effect of process parameters from a
simplified model of the continuous countercurrent adsorption system.
Numerical solution of the countercurrent and detailed model can be
satisfactorily handled by the method of orthogonal collocation to get a
complete picture of the system for process dynamics as well as the steady
state profile of a complicated and generalized system. Also, the effect of
various operating parameters on the performance of the system can be
studied and the accuracy of the theoretical results obtained from the

developed model can be compared with available experimental data.

1.10.2  Objectives of Present study
1.10.2.1 Objectives of Continuous Countercurrent Modeling

1) Development of a theoretical model for unsteady state
continuous countercurrent adsorption using a nonlinear

equilibrium isotherm.

2) Solution of that model for dispersed plug flow and Danckwert

boundary conditions for processes with two and four sections.

3) Evaluation of the effect of various process parameters on the

performance of the system.
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4) Comparison of the results of the theoretical model with available

experimental data.

1.10.2.1 Objectives of Detailed Modeling

1) Development and solution of the detailed model for Simulated

Moving Bed (SMB) for various cases.

3) Comparison of numerical solutions for continuous

countercurrent and simulated moving bed modelling.

4) Comparison of the resuits of the theoretical model with that of

the published experimental data.
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28

Process Gas/ Adsorbent Contactor Regeneration Adsorbent
liquid circulation
Air/gas G Silica gel Staged fluidized Thermal Gas lift
drying bed
Solvent G Activated Staged fluidized Thermal Bucket
recovery carbon bed ’ elevator
Solvent G Activated Staged fluidized Thermal Gas lift
recovery carbon bed
(Purasiv)
Wastewater L Activated Fluidized bed Thermal Slurry
treatment carbon or pulsed bed
Wastewater L Activated “Merry-go-round” Thermal S‘lurry
treatment carbon SMB
lon exchange L lon exchange Pulsed bed Displacement Slurry
resins
lon exchange L lon exchange Staged fluidized Displacement Slurry
resins bed
lon exchange L Magnetic resin Staged fluidized Displacement Slurry
bed{magnetically
stabilized
lon exchange L lon exchange “Merry-go-round” Displacement Slurry

resins

SMB




Table 1.2 Countercurrent adsotption fractionation processes
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Process Separation Adsorbent Contacting Regeneration
) system

Hypersorption C,H, from Activated Dense moving Steam stripping
refinery gas carbon bed

Arosorb Separation of Silica gel SMB(eight- Displacement
aromatics and column) (pentane desorbent)
saturates from
cracked naphtha

Aromax p-Xylene from XorY Three section Heavy aromatic
C, aromatics zeolite SMB cascade desorbent

Adsep(IWT) Fructose from Catresin Eight column Water desorbent
fructose-glucose four section SMB

Molex Linear/branched SA zeolile Sorbex Light naphtiia
paraffins desorbent

Olex Olefins from CaX or SrX Sorbex Heavy naphtha
saturated isomers

Parex p-Xylene from Sr-BaY Sorbex p-Diethyl-
C, aromatics K-BaX benzene Toluene

Ebex Ethylbenzene from NaY Sorbex Tolune
C, aromatics

Sarex Fructose from CaY Sorbex Water
fructose-glucose

SCCR4 Fructose from Ca* resin Three-section SMB ~ Water
fructosé-glucose

SCCR5 Clinical dextran Ca™ resin Three-seclion SMB ~ Water




(1)

(2)

(3)

(4)
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CHAPTER 2

LITERATURE REVIEW

2.1 INTRODUCTION

From early 1950’s to date researchers have contributed a great deal of
work in the field of continuous countercurrent adsorption systems. Various
models are available regarding this special adsorption separation process.
These models were developed considering different types of physical

phenomena that can be encountered in adsorption separations.

Modelling in continuous countercurrent adsorption can be divided into
two broad groups; graphical and numerical simulation. In graphical methods,
a McCabe-Thiele approach to separating components is adopted. Though
this procedure is very simple and quick, the scope of this method is limited.
This analysis is possible for very simple systems viz., linear equilibrium
isotherm with piug flow model. When systems become complex, a more
practical, numerical simulation is the only choice. In numerical simulation,

various models are possible depending upon the system complexity.

32
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2.2 McCABE-THIELE ANALYSIS

Design procedures for countercurrent systems are basically similar to the
elementary procedures used to design any steady state countercurrent mass
transfer operation such as gas absorption. The main difference is that in
adsorption systems the equilibrium isotherm is generally curved whereas for
many gas absorption systems, at least at low concentration levels, the
isqtherm is essentially linear. That is why it is possible to represent these

adsorption systems using a McCabe-Thiele diagram.

The McCabe-Thiele operating diagram for a simple system with
isothermal purge regeneration is shown in Figure 2.1. The equilibrium line is
shown as straight line to avoid complexity, though in most real adsorption
systems the isotherms are curved except at very low concentrations. The

equations of the operating lines can be obtained simply by mass balance;

X=X, + (g)(y -V, (adsorption)
X =x, + (—g-)(y - Vo) (desorption) (2.1)

If both adsorption and desorption sections operate under the same
thermodynamic conditions (same pressure and temperature) , the equilibrium
lines will be the same. For an operable process the net flow of solute must be

up in the desorption section and down in the adsorption section. This
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requires D/S> K, F/S <K, implying that the desorbent flowrate must be higher
than the feed flowrate. To achieve the required directions of mass transfer the
operating lines in the adsorption and desorption sections must lie on
opposite sides of the equilibrium line. It follows that y, <y, and y. <y, i.e.
the concentration of the adsorbable species in the purge stream must be
lower than in the raffinate product and the concentration in the extract must
be lower than that of the feed. Such a process would only be economic in
exceptional circumstances, e.g. for removal of an undesirable impurity,

without recovery, when a plentiful supply of cheap purge is available.

The McCabe-Thiele analysis of a more commaonly used Sorbex system is
shown in Figure 2.2. This type of system is used in most commercial
adsorptive fractionation processes. An additional component which is
competitively adsorbed (the eluent or desorbent) is introduced into the
system. The flowrates in each section are adjusted so that, for both
components A and B, desorption occurs in sections | and |l and adsorption in
sections Il and V. The net flow of A (the more strongly adsorbed component)
should be downwards in sections 1, HI and IV and upwards in section I, so
that this species moves continuously to the extract point. Similarly the net
flow of B should be downwards in section IV and upwards in sections I, Il and

I1l, so that it moves towards the raffinate withdrawal point.

Since the system operates isothermally or near isothermally, the

equilibrium lines are the same throughout. The operating lines, in the
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McCabe-Thiele representation can cross the equilibrium lines only at the feed
point and at the eluent recirculation point where there are sudden changes in
liquid composition as a result of the introduction of feed or efuent. To achieve
a satisfactory separation, the operating diagrams for the two components
must lie as sketched in Figure 2.2 so that the extract product contains a high
concentration of A and a low concentration of B while the raffinate product
contains a high concentration of B and a low concentration of A. The flow
constraints referred to above require that the slope of the operating line in
section | is greater than that for section |l while the slope of the operating

line for section Il must be greater than for section IV.

The system sketched in Figure 1.6 has also been used but the efficiency
of this system is quite low because more desorbent is required and the

extract product is recovered in very dilute form.

2.3 MODELLING AND SIMULATION OF COUNTERCURRENT
ADSORPTION PROCESSES

The problem of modelling a simulated countercurrent adsorption
separation process has attracted a great deal of attention in recent years. The
approaches which have been followed may be classified according to whether
the system is simulated directly or represented in terms of an equivalent true

countercurrent system and whether the bed elements are represented by a
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continuous flow model (plug flow or axial dispersed plug flow) or as a
cascade of mixing cells. The classification of models for simulated moving

bed (SMB) countercurrent processes is given in Table 2.1.

Each of these four models may be treated either according to equilibrium
theory (1) or by including an appropriate rate expression to account for mass
transfer resistance, generally in terms of a linear driving force model (ll). The

application of these models are given in Table 2.2.

For linear equilibrium systems all four modelling approaches are viable.
The simplest representation of the fundamental theory of continuous
countercurrent “Sorbex” system was developed from the basic principle of
McCabe-Thiele analysis (a.1.l) for plug flow and constant separation factor.
The equivalent countercurrent model with linearized mass transfer rate
expression (model a.1.ll) leads to fairly simple expressions for the steady
state concentration profile. The linear driving force model together with the
simple McCabe-Thiele analysis of the overall process provides all that is
needed to design and optimize the system. The same general approach may
be exfended to nonlinear binary systems though an analytical solution of the
equivalent countercurrent model equation can no longer be obtained.
Alternatively one may choose to use the mixing cell model with either the
equivalent countercurrent representation (model a.2.l) or with direct
simulation of the SMB system (b.2.l). For either linear systems or nonlinear

binaries these approaches are computationally straightforward.



37

For more complex nonlinear systems with coupling between the
components (ternary and higher order) a more sophisticated approach is
needed. The equivalent countercurrent mixing cell model (a.2.l) may still be
used but it is now necessary to solve simultaneously the the mass balance
equations for all components for each theoretical stage, in order to allow for
the coupling of the equilibrium relationships. A similar computational
approach is commonly used in modern multicomponent distillation design
codes in order to allow for variation of volatility with composition. Initial
estimates of appropriate flowrates and switch times may still ‘be obtained
from the McCabe-Thiele approach but this is no longer quite so
straightforward since a trial and error solution using the full numerical
simulation is needed in order to establish the appropriate equilibrium curves
(which depend on the concentrations of all components in the system).
Alternatively, initial estimates of the appropriate flow parameters may be
derived from the equivalent countercurrent model using equilibrium theory,
followed by detailed numerical simulation according to any of the models a.1,
a2, b.1 or b.2. This approach, which is particularly useful when the
multicomponent equilibria can be represented in terms of the constant
separation factor (multicomponent Langmuir) model, has been developed by

Storti et al. [37] and applied to the optimization of a multicomponent

“Sorbex” separation system.

2.4 SUMMARY OF PREVIOUS WORK
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Some of the earliest work is due to Amundson and Kasten [1]. They
developed the analytical solution for single-component adsorption and for a

linear isotherm with film resistance.

The continuous countercurrent arrangement has long been used in
industry as a series of discrete bed stages, and the use of a single pulsed
bed has also been described (Perry and Chilton [31]; Winkler and Kaempf,
[42]). In these applications, a spent section of carbon is removed from the
enq where the fluid enters and replaced by fresh carbon at the other end. For
the pulsed bed, typical discharges at each replacement of carbon are 5 to
10% of the carbon, while serial beds each commonly contain 25 to 50% of
the total amount of carbon (i.e. two to four beds). The limit of an infinite
number of infinitesimal pulses or, equivalently, an infinite number of

infinitesimal beds in series is the continuous countercurrent mode.

Analytical solutions of continuous countercurrent adsorption are available
for single component and for linear equilibrium relationship with film plus
pore resistance (Neretnieks [27]) and for an irreversible isotherm with film
plus pore resistance (Neretnieks [28]). Neretnieks [29] also compares the
performance of the continuous countercurrent operation with single-column

periodic operation for linear and irreversible isotherms with film plus pore

resistance.

Fornwalt and Hutchins [16] and Erskine and Schuliger [15] suggest a

simplified graphical procedure to assess the effectiveness of multiple beds;
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Chen et al. [4] used a tanks-in series mode! with linear mass transfer driving

force.

Asymptotic solutions to moving-bed exchange equations are discussed
by Rhee and Amundson [32] considering the effect of axial dispersion and
interphase mass transfer. They derived the existence conditions by using
perturbation theory in a properly defined moving coordinate system. They

illustrated the application of their solution by using Langmuir isotherm.

Aithough there may be serious difficulties in implementing the continuous
countercurrent adsorber (Westermark [41]), it nevertheless provides a

convenient theoretical upper limit to the attainable separation.

There are very few reports in the literature of the theoretical examination
of the serial bed arrangement. Svedberg [39] compares it numerically with
continuous countercurrent operation for linear isotherms with film plus pore
diffusion. His formulation also includes axial dispersion, but results are
presented only for cases for which the latter is negligible. The ideal

performance is quite closely approached with only one or a few divisions of

the bed.

Liapis and Rippin [24] simulated binary adsorption in continuous
countercurrent operation and also compared with other operation modes.
Simulation studies were presented of three different modes of operating a

two-component adsorption system. The efficiency with which an activated
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carbon adsorbent is utilized was compared for a single fixed bed, a periodic
countercurrent system in which the adsorbent was equally distributed over

two, four and six beds and a continuous countercurrent system.

The mathematical model of continuous countercurrent adsorbers was
derived by Ruthven [33,34]. The model was developed for steady state and
axially dispersed plug flow system. The linear relation for equilibrium
isotherm was considered. By solving the dimensionless model analytically, a
theoretical expression was derived for the Height Equivalent of a Theoretical
Plate (HETP). That expressio.ﬁ was compared with the expression found from
chromatographic system. The ratio of these quantities was found to be 0.5
under practical operating conditions but the precise relationship was found to

be a function of Peclet and Stanton numbers as well as of the countercurrent

flow ratio.

Nemeth et al. [26] developed mathematical models of steady state
countercurrent vapour adsorption and compared them for various
assumptions of the shape of the isotherm. They studied both linear and non-

linear isotherms for a dispersed plug flow model. They solved their model by

the integral equation technique.

Ortlieb et al.[30] calculated the separation efficiency for systems having a
Langmuir isotherm in countercurrent adsorption using a dynamic model

and taking into account internal diffusion resistance.
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Ching and Ruthven [11] have presented a theoretical and experimental
study for the separation of glucose-fructose mixture at steady state. They
assumed isothermal conditions, linear equilibrium and the dispersed plug
flow model for their work. The dispersion coefficient was calculated from a
pulse chromatographic measurement. An eduilibrium stage model and
McCabe-Thiele diagram has also been drawn to describe the behavior. They
reported that the overall countercurrent HETP was of order 8-12 cm so that

each column was equivalent to 10 theoretical stages.

The theoretical and experimental study of the transient response of the
separation of glucose-fructose mixture by continuous countercurrent
adsdrption was produced by Ching and Ruthven [12]. They developed their
theoretical model considering linear isotherm and dispersed plug flow. From
experiment it was found that 27 hour of operation were required to approach

steady state for the fructose profile and 12 hours for the glucose profile.

Ching and Ruthven [10] have reported a theoretical and experimental
study of the “Sorbex” operation for the linear isotherm and dispersed plug

flow model. They reported that under properly selected conditions product

purities and recoveries of 85-95% could obtained.

Ching and Ruthven [13] published a theoretical and experimental study of
a simulated countercurrent adsorption system for non-isothermal operation.
They used a glucose-fructose mixture as their system. They reported their

results for a steady state dispersed plug flow model, using a linear
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equilibrium relation. By comparing the results from previous work which was
done under isothermal condition, the: authors reported that the separation

performance was significantly better.

The transient and steady state numerical and experimental study of a
semi-continuous countercurrent adsorption unit for {ructose glucose
separation was done by Hidajat et al. [19]. They adopted the linear isotherm
and axial dispersed plug flow model for their study. For HETP, a
chromatographic method was used. Under the experimen‘tal conditions 60
hours of operation was required for fructose and about 37 hours for glucose
fo reach steady state. The theoretical predictions were in good agreement

with the experimental results under the limiting operating conditions.

The theoretical analysis of the effect of subdivision of the adsorbent bed
was studied by Hidajat et al. [20]. The unsteady state model and the linear
equilibrium relation was chosen to develop the relationship. The authors
suggested that subdivision of each section into more than two subsections

will be economically justified only if product purity requirements are

stringent.

Ching et al. [8] developed an improved adsorption process for the
production of high fructose syrup. The experiment was carried out at steady
state for a linear isotherm. It was shown that by applying a temperature
profile to the system, the concentration of the extract product in a counter-

current adsorption separation process might be increased relative to the
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maximum concentration attainable under isothermal conditions. To achieve
the required temperature profile in a simulated countercurrent system it was
necessary to heat and cool the columns in sequence as the feed and product
draw-off points were switched through the bed. By maintaining a temperature
difference of 30-35° C across the bed, an extract product containing 28%
fructose and about 1% glucose was obtained, at steady state, from a feed

containing 25 wt% of each sugar.

A study of a simulated countercurrent adsorption system for nonlinear
equilibrium relationship was carried out by Ching et al. [7]. They used
monoethanolamine(MEA) and methanol mixture for their system. It was found
that the non-linearity of the MEA isbtherm imposed significant constraints on

the allowable operating conditions.

A thorough review of countercurrent and simulated countercurrent
adsorption separation processes was done by Ruthven and Ching [35]. The
authors have reviewed the various aspects of the SCC processes

emphasising industrial-scale operation and mathematical modeling.

A simple model, based on equilibrium theory, for simulating
countercurrent adsorption separation processes involving multicomponent
and nonlinear equilibria was developed by Storti et al. [36]. The reliability of
the model was tested by comparison with a detailed model in the context of

the separation of the aromatic isomers of C, by adsorption on zeolites. Based
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on that model, a simple and accurate procedure was developed for designing
optimal separation units, where adsorbent and desorbent requirements were

minimized while enrichment of both the extract and the raffinate were

maximized.

A theoretical model of a simulated countercurrent adsorption system for
non-linear equilibrium relationship was developed and solved by the method
of orthogonal collocation (Hidajat and Ching [21]). They used
monoethanolamine(MEA)- methanol mixture as their system. They also
reported a comparison between their theoretical and experimental results. It
was found that the nonlinearity of the MEA isotherm imposed significant
constraints on the allowable operating conditions. A summary of these

studies is given in Table 2.3.

2.5 DISCUSSION OF EARLIER MODELS

2.5.1 Equivalent Countercurrent Model: Dispersed Plugflow with Linear

Isotherm

Assuming plug flow of the solid and axially dispersed plug flow of the

fluid, the basic differential equation describing the system dynamics is

2
D o°c _Vac +(1—e u_(z(l=gc_+(1—c)gl

—_— 2.2
Lor 0z € 0z ot g ot 2-2)
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If a linear equilibrium relationship (g° = Kc) and a linear driving force mass

transfer rate expression are assumed, at steady state:

daq dq
= - = - = — 2.3
p kg — q) = k(Kc — q) U (2.3)
and equation (2.2) becomes
d’c dc
D— — V— - € Yk(Ke — =0 2.4
with the Danckwerts boundary conditions:
D,
z=0, c,=c'— de 1. 0
° TV dz =
(liquid inlet)
dc
=L, —]._, = 25
z 5 le=t (2.5)

(liquid outlet)

where co' is the sorbate concentration in the fluid phase just inside the bed.

These equations may be expressed in dimensionless form. After some
rearrangement (utilizing a mass balance between z=0 and z=L) one obtains
d’

d(p qo
~ — (Pe )] PeSt(1 — v)p = PeS{( KC.

) (2.6)
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ade, . de

=0 (2.7)

The solution of equations (2.6) and (2.7) giving the concentration profile is

o(1—1/y)+1/y— g,/Kc, _ m,e’"""'nzz - mze'"z" mz 28)
= - (2.
1-gq,/Kc, me"'(1—m,Pe) — m,e"(1—m /Pe)

where m,(+) and m,(—) are given by

m = -;—{(Pe +St) £[(Pe +St)? + 4PeSt(y — 1)]'2)
(2.9)

The concentration ratio over the bed (or section of bed) (p, = ¢ /c,) is given
by

(PL(1 —-1/y)+1/y~q°/Kc° B m, - m,

1=gq,/Kc, me "{(1—m/Pe)—m,e "'(1—m/Pe)

= A(Pe, Sf) (2.10)

In the plug flow limit, Pe—~ o0, m, and A reduces to e¥'"?. In the equilibrium
limit where mass transfer resistance is small and dispersion is due entirely to

axial mixing, St—c and A reduces to 1/ye™'"”. The concentration ratio

across any section of the bed is therefore given by
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€.

CO

= —711 [(1 —q,/Ke )YA(Pe, St) + yq,/Kc, — 1] (2.11)

2.5.2 Equivalent Countercurrent Model: Equilibrium Stage Model

Alternatively one may choose to represent the bed as equivalent to a
certain number (n) of ideal equilibrium stages. For a linear system the fluid
phase concentration ratio will then be given by the Kremser equation

(Kremser [23], Souders and Brown [38]) :

&6 _ ¥ty 2.12)

c,—¢,/K Y -1
or
co — 1 n+t
— = —— Y"1 —1/K)+y/K—1] (2.12)
c, y—1
A simple mass balance over the section gives
- g 4 L _ (2.13)

qL - qo ('g')(cl_ Co) .

For each section of the unit there is one equation of the form of equation
(2.10) or (2.12) and one equation of the form of equation (2.13) relating the

inlet and outlet concentrations. This gives in all a set of eight equations
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relating the 10 concentrations g, q, 9, 9, Co Cp € Cyp €y @nd C,,. Two

additional equations are obtained from the mass balances over the feed point

and for the recirculating stream :

(D—E)c, = (D—E+F)c,

(D—E+F—-R)c, =Dc, (2.14)

With the flowrates, Peclet and Stanton numbers and equilibrium constants all
defined the solution to this set of equations gives the steady state
concentration profile through the system. Since all equations are linear and
equilibrium for each component is assumed independent, solution of the

equations is straightforward.

The relationship between the two models may be derived by considering
the HETP (height equivalent to a theoretical plate) (Ruthven [33]). Setting
q, = Kc, in equation (2.10) gives the number of theoretical stages in bed

length L, and hence the HETP :
—_ 4+ =) (2.15)

2.5.3 Numerical simulation: Linear Systems
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As an alternative to the equivalent countercurrent representation one
may simulate the SMB system numerically. Each section of volume V is
considered as equivalent to a certain number of theoretical stages (n) with
each stage considered as an ideal mixing cell of volume V/n, distributed
between the fluid phase and the adsorbed phase in accordance with the bed

voidage :
V.=({—-€eVinV, = eVin (2.16)
a differential mass balance for the ith stage gives

dc, dg,
QC,.,=Qc, + V— + V

—L 2.17
"dt s ot ( )

assuming that equilibrium is achieved in each stage and that the isotherm is

linear equation (2.17) may be written as :

dc, _ Q

dt VKV,

(c,.,—¢) (2.18)

Q is the actual flowrate which is constant for all stages within a section but
varies between sections as a result of the introduction of feed or withdrawal

of product :
Q,=Q —E

Q,,,=Q,—E+F

Q,=Q-E+F-R (2.19)
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the fluid concentration remains constant between sections | and |l and
between sections Il and IV but changes between sectionsil-lll and V-l as a

result of introduction of feed or make up eluent :

(c,), = (¢),

(€. Qy + ¢F = (c),Q,

(Comd = (€

(€. Qy * ¢,0 = (c)Q, (2.20)

With D, E, F and R defined, for each component, there is a set of
n,+n,+n,+n, simple linear first order equations defining the concentration

at each theoretical plate as a function of time.

2.5.4 Numecrical Simulation : Nonlinear Systems

The approaches described in the previous sections are limited to the
limiting case in which the equilibria for both components are linear and
uncoupled. For nonlinear systems and coupled equilibria an alternative
approa‘ch is needed (Ching et al [6,7]). The unit is represented in terms of the
equivalent countercurrent system (Figure 1.4) with each section considered
as equivalent to a number of equilibrium stages and the equivalent

countercurrent velocities of solid ( u) and fluid (V) given by
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v=1 uvrv=2L (2.20)
T €A

At steady state the mass balance for the ith stage gives
S(qi,iﬂ—ql,l) = L(Ci,l—cl,l— 0 (2.21)

with a similar expression for component 2, where S = vA(1—¢) and L = VAc.
The equilibria are represented by expressions of the general form

q, q,

'é' = KI(CI, Cz); '&L = Kz(c|, Cz) (2.22)

2

in which K, and K, are no longer constants but any convenient functional

forms. Substitution into equation (2.21) yields a steady state mass balance
equation for each component on each theoretical plate. The flowrate in each
section are related by the usual overall balances. Thus for a two component
system with N theoretical plates there is a set of 2N nonlinear simultaneous

algebraic equations giving the concentration of each component through the

system.

2.6 CONCLUSIONS

The objective of this review has been on the numerical simulation of
continuous countercurrent adsorptive fractionation processes which depend

on equilibrium rather than on kinetic selectivity. It has been found that



52
despite vast work in this area, very little work is accomplished in the
modelling of unsteady nonlinear systems. Further, nothing has so far been
done on the modelling and simulation of the actual system. All the existing

models are developed on the principle of the “SORBEX” arrangement.
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Table 2.1 Classification of models for countercurrent processes

Representation Representation
of system of bed elements

(a.1) Continuous

(2)Continuous
countercurrent

(2.2) Mixing cell

(b.1) Continuous

{b) SMB (direct
simulation of
port switching)

(b.2) Mixing cell




Table 2.2 Examples of the application of various countercurrent models

Model No. Comments References

ER R Equilibrium theory for “Sorbex” unit- Storti et al. {37]
constant separation factor, plug flow

a.l.i Equivalent countercurrent model- Hashimoto et al. [17,18]
linear system, plug flow
Equivalent countercurrent model- Ching and Ruthven [10,11]
linear system, dispersed plug flow
(analytical solution)
Extension of this model to “Sorbex” system Ching et al. [14]
Axial dispersed plug flow model Kubota et al. {22]
applied to sorbitol-glucose separation
Equivalent countercurrent model with Liu and Pigford [25]
intraparticle diffusion (linear system)

a.2l Comparison of equilibrium and Ching and Ruthven [10,11}]
continuous models for SMB system Ching et al. [14]

b.1. Numerical simulation of SMB using Hashimoto et al. [17,18]
continuous model for bed elements
Numerical simulation of SMB using Storti et al. [37]
continuous model for bed elements
Numerical simulation of SMB using Carta and Pigford. [3]
mixing cell model-linear system

b.2.1 Numerical simulation of SMB using Barker and Thawait[2]

mixing cell model-linear system

Numerical simulation of SMB using
mixing cell model-linear system

Numerical simulation of SMB using
mixing cell model-linear system

mixing cell model-nonlinear system

Hidajat et al. [19,20]

Ching et al. [5]
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CHAPTER 3

NUMERICAL SIMULATION OF UNSTEADY CONTINUOUS
COUNTERCURRENT ADSORPTION SYSTEM
WITH NON-LINEAR ADSORPTION ISOTHERM

3.1 INTRODUCTION

Large scale adsorptive separation processes may be conveniently
divided into two broad classes; batch systems, in which the adsorbent beds
are regenerated in a cyclic manner, and continuous flow systems involving
continuous countercurrent contact between feed and adsorbent. Continuous
countercurrent systems maximize mass transfer driving force and reduces
adsorbent requirements. However, in continuous countercurrent systems,
adsorbent recirculation is a difficult operation. In reality, continuous
countercurrent contact is achieved by keeping the solid beds fixed while
moving the fluid inlet and outlet points simultaneously at set time intervals in

the direction of flow of the fluid phase as shown in Figure 3.1.
The effects of various parameters e.g. bed length, feed and eluent rates,

61
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and switch time are strongly coupled making it difficult to predict a priori the
outcome of a parameter change. An efficient mathematical model is therefore

necessary to visualize the effects of these various parameters.

The first generation of continucus countercurrent adsorption processes
[1,10] proved uneconomic, largely as a result of practical difficulties
associated with circulation of the solid adsorbents. Such problems are
eliminated in the simulated moving bed system (Sorbex) [2,6,8,13], developed
by U.O.P. Even though continuous countercurrent processes are now in
extensive incilustrial use for several hydrocarbon separations [14], in the
separation of glucose and fructose in the production of high fructose syrup
[12], and in the separation of MEA and methanol [8,9], only limited efforts
have been directed towards modelling and experimental investigation of such
systems. The transient behavior of countercurrent staged processes has been
investigated theoretically by Lapidus and Amundson [11]. A general review of
countercurrent systems has been reported by Ruthven and Ching [15]. The
simplest theoretical model assuming steady state operation with linear
isotherm was derived by Ching and Ruthven [4] to explain their experimental
data on the glucose-fructose system. A cell model for unsteady state
operation with linear isotherm was developed by Ching and Ruthven [5].
However, the model results are limited to systems with a linear isotherm and
therefore to low concentrations of adsorbable components. Recently, steady
state models with nonlinear isotherm have been developed by both Ching et

al. [3] and Hidajat et al. [9]. For most practical systems the concentrations of
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adsorbable species are large and therefore the effect of non-linearity of the
isotherm is critical in optimizing the operating parameters. The more general
case of solving the unsteady state operation with nonlinear isotherm has not
yet been solved. An investigation of the effects of various operating
parameters on both the dynamics and steady state in case of nonlinear

isotherm is of great practical significance.

In this paper, a general mathematical model of continuous countercurrent
adsorption system is developed for components which follow a nonlinear
Langmuir equilibrium isotherm. The model equations are solved from
transient to steady state, and the effects of various process parameters on
separation have been investigated. A comparison of the theoretical results
obtained for the limiting case of the present model are in agreement with the

experimental data of Ching and Ruthven [4,5].

3.2 THEORETICAL MODEL

The model is developed with five columns in the pre-feed section (section
1) and six columns in the post feed section (section 2) which is the
configuration reported by Ching and Ruthven [4]. A 12th column is used to
totally remove the adsorbed phase component'under a high liquid water
flow.This system may be considered as approximately equivalent to the

hypothetical continuous countercurrent arrangement shown in Figure 3.2a.
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The equivalent solid velocity (u) is given by the ratio of individual column

length to switch time.

The theoretical model for an equivalent continuous countercurrent system
can be obtained from an overall mass balance around a differential volume of
adsorber shown in Figure 3.2(b). The following assumptions are adopted to

formulate the model.

1) Plug flow of solid.

2) Axially dispersed plug flow of fluid.

3) Isothermal operating conditions.

4) Linear driving force expression for mass transfer rate.

5) Isotherms are of nonlinear Langmuir form.

Adsorbent is considered to be flowing with a downward velocity u = L/t

switch

where L is the individual column length and ¢ is the switch time, while the

switch

liquid is flowing upwards with a velocity V.

The basic differential equation describing the system dynamics for ith

compdnent and jth section can be written as

2
oc; v dc,

og, _ dc,

az}

+(1—8)aqij

3.1
ot £ ot 3.1

" (1;8)U

For a Langmuir type of equilibrium isotherms, the rate equation is



aqr/ blqscl]
=5 = Kl——F— — q,]

1+ Zlb,c,]

Initial Conditions :

¢, = 0.0,

Boundary Conditions :

at z, = 0,
dc
] = _ —
L azi |z,no* Vi(cfllzj~o‘ Clilzjno")
at zj=sz,
60,1 —~ 0.0
0z

C'=...c_.; Q'=l‘ T =
CI

equations 1 to 5 can be written as

oc’, _ e o°c, aoC oQ

[/ — [
ot " Pe, azzi 0Z, ;

b 4 'Yj(b aZI] — K,.(b a;ii ]
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(3.2)

(3.3)

(3.4)

(3.5)

(3.6)



oQ, c ,
(31:’ =ql P ”, - Q]
1+ YA(C, — 1.0)
i=1

Initial Conditions :

C,=00

ij

Boundary Conditions :

at Z/ = 0.0
., 1 dC|,
c. =c, +——~L
Y " Pe,. dZ/ IZJ"°"
z
atz,=-—L =10
L
Sj
s (of
— ¥ =00
dz
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(3.7)

(3.8)

(3.9)

(3.10)

where CI',I is the inlet concentration of i for section 1 which can be obtained

from the material balance equation at the mixing point of feed and outlet of

section 2.

The system of coupled differential equations described by equations (3.6)

- (3.10) has been solved from transient to steady state conditions by the

method of orthogonal collocation. Equations (3.6) and (3.7) with boundary
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conditions represented by Equations (3.9) and (3.10) may be expressed in

collocation form as

dC

Ald — F
dt ¢

1 . . 1 .
Pe Bm - A].l)CA.i,i + YIAi.lQ At + (Pe BI,M2 - Aj.MZ)C A M2

1 1

3 Mt 1 , M1 .
+ qu)AI.MZQ AfM2 + Z( Bi.i - Ai',)C At + Y(DZAIJQ At
i=2 f=2

Pe,
o) .
— YKba - - -Q,,,
1{1 + )\'A(CA,LI -1+ )"B(CB,U =1 s 2
(3.11)
Boundary conditions can be written as
. 1 . , M1 .
(CM, — CHZ) = E(A“C T AMmC i T .ZeA'-'C W) (3.12)
' =
and
M1 ,
AM2.1CA.I.I + I_ZAMz,ICA.I,i + AM2.M2CA.1.M2 = 0 (313)

where CHZ = Cf

Al

For the system in the present study, six equivalent countercurrent beds of

length L are in the pre feed section and five beds of length L are in the post
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feed section. Sixteen collocation points were used for both sections which
requires the solution of 128 simultaneous nonlinear ordinary differential

equations. This set of differential equations has been solved using the

functional iteration method.

3.3 METHOD OF SOLUTION

In the present study the orthogonal collocation method was used to solve
the above system of partial differential equations. The method orthogonal
collocation which uses polynomial approximation techniques for solving
partial differential equations was developed a decade ago or so, mainly by
Villadsen [16] and Finlayson [7]. The method has been found to require less
computer time than standard finite difference techniques in the simulation of
the performance of continuous countercurrent adsorption systems to obtain a
solution of given accuracy since the finite difference method needed a large
number of segments to approximate the system which results in large
dimensionality of equations. On the other hand one main advantage to the
polynomial approximation method is that it requires far fewer spatial

discritization points to achieve the specified accuracy.

When the partial differential equations are written in collocation form
using an orthogonal polynomial to represent the trial function a set of

ordinary differential equations is obtained which may then be solved by any
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standard integration algorithm.

In the present study the concentration profile in the fluid phase is
approximated by the following trial function based on a nonsymmetric

polynomial:
C(Z,1) = (1—2)Cc(0,7) + ZC(1,7) + Z(1 —Z)iai(t)P,_|(Z) (3.14)

where a(1) are functions of time or constants and P, are the nonsymmetric

polynomials defined by the condition:
1
jW(Z)Pn(Z)Pm(Z)dZ =0, n=20.1,...m-1 (3.15)
0

where w(Z) = 1 in the present study.
3.4 RESULTS AND DISCUSSIONS

The dimensionless theoretical model, equations 3.6-3.10, has been solved
numerically to study the effect of various parameters on the system. The
model parameters are F}, the fluid flow ratio in section 1 or 2; Pel., the Peclet

number; ® = 1—}, —A,, the nonlinearity factor; v, ratio of solid down flow to

i
fluid upflow rates: K, the equilibrium constants; vy, ratio of packed solids to

voids in bed; a, the dimensionless Linear driving force rate parameter; and
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A, the individual Langmuir nonlinear factors. For comparison with a real
system, the model was solved for the glucose-fructose-Duolite C,0, resin
system of Ching and Ruthven [4,5]. This fixes the parameters K,and ¥. The

parameter o was considered large as the mass transfer resistance has been

reported to be very small for this system.

In the system of Ching and Ruthven the feed and eluent flow rates, and
the switch times were varied while the bed length and column diameter were
fixed. Their steady state linear local equilibrium model could be described by
two parameters for each section, namely Pe,and v,. And they showed that an
efficient separation of glucose and fructose occurs for a wide range of
operating conditions provided that the condition y,>1.0, vy, <1.0 are fulfilled

in both pre-feed and post-feed sections.

In the present theoretical study, the effects of the feed and eluent flow
rates, switch times, bed lengths, diameter, bed configuration and nonlinear
equilibrium parameter were investigated. For a particular system, the

process parameters affects only the Pe (V,L_,D,), and v, (K,u,V) for each

section.

The model was first solved for the base case of Ching and Ruthven [4,5] ,
for which the relevant parameter values are given in Table 3.1. The
dimensionless concentration profiles are computed at different time intervals

representing the transient behavior of the prefeed and postfeed regions for
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the separation of glucose and fructose and are illustrated in Figure 3.3. In the
postieed section, the glucose concentration profile grows rapidly during
initial start up and always exceeds the fructose profile which is zero for the
later 40% of the section, whereas in the prefeed section the fructose profile
builds up much more slowly and always exceeds the glucose profile which is
zero for the first 70% of the section. It takes about 1620 min for the transient
profiles to reach the steady state. The experimental resuits of Ching and
Ruthven {4,5] are also shown on the figure, and satisfactory agreement

between the model prédictions and the experimental data is observed.

To examine the effect of the nonlinear parameter & = 1 =X, —A,, the base
case of Ching and Ruthven [4,5] was run with A, = A, = 0.4, (nonlinear) and

the steady state results are plotted in Figure 3.4 along with the results for the
case where A, = A, = 0.0 (linear). For the linear case (A = 0.0), a separation
analogous to Figure 3.3 is observed - the difference is atiributed to a new set
of parameters used for the computation (see Table 3.1). However, for the
nonlinear case (® = 0.2) poor to no separation may be observed in both
sections. Here the adsorbent removes both components equally from fluid
resulting in the poor separation as may be observed for the solid phase
concentration profiles which are plotted in Figure 3.5. It thus appears that the
criterion of Ching and Ruthven [4,5] (v.>1,y;<1 in both sections) is no
longer sufficient in the case of nonlinear adsorption. Because of the coupling

nature of the isotherms at ® = 0.2, the adsorption equilibrium curve is a
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surface rather than lines which is shown in Figure 3.6. If one of the
components follow linear isotherm, the system becomes uncoupled. In the
present study monoethanolamine (nonlinear) and methanol (linear) is chosen
to test the criterion reported by Ching and Ruthven [4,5]. Parameters for this
system are adopted from Ching et al. [3] and are given in Table 3.2. Figure
3.7 represents an example of bad separation since it does not follow the
criterion of Ching and Ruthven [4,5]. The vy criterion can be fulfilled by
reducing the eluent flow rate, however, the separation is not improved in the

post feed section, as shown in Figure 3.8.

To improve the separation for coupled nonlinear systems the operating
parameters can be adjusted until good separation is achieved. One such
possible set for the glucose-fructose system with coupled nonlinear equilibria
is shown in Table 3.1. This set of parameters is now considered as the base
case for nonlinear system for which the concentration profiles are shown in
Figure 3.9, in which the individual bed length, switch time, and feed rate were
increased. It should be noted however, that under the revised operating
conditions, if the nonlinear parameter is removed such that ¢ becomes equal
to 1 ( the linear case), the separation becomes poorer as may be observed
from Figure 3.10. This suggests that the operating conditions are very
sensitive to the linearity of the isotherm. It may also be noted that the

criterion for the linear case that Ys should be less than 1 is no longer

sufficient for the coupled nonlinear case. In Table 3.3, the effect of change in
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the process parameters on the various dimensionless groups that have been
used in the model are listed. It may be noted that since the mass transfer
resistance has been reported to be very low [4], the dimensionless parameter

a has no effect on the system performance.

The effect of individual bed length for nonlinear system (AL = 0.4) can be
observe.d by comparing Figures 3.9 and 3.11. It is evident from these figures,
that the separation and the purity of glucose in both post and pre feed
sections is getting worse by decreasing the bed length. From Table 3.3 it is
clear that except for the Peclet number, the effect of individual bed length on
the dimensionless groups is very pronounced. As the length is increased, ys
are reduced significantly in both prefeed and postfeed section. Since mass
transfer resistance is very low for this system, it can be said that the poor

separation can be attributed to the low dimensionless flow ratio.

The effect of eluent rate is shown in Figures 3.12 and 3.13. In the post
feed section the concentration profiles of glucose and fructose approaches
each other indicating poorer separation, once the eluent rate is either
decreased or increased as compared to the base case shown in Figure 3.9.
Further, the separation of glucose and fructose in the prefeed section is
better at the intermediate eluent rate ( E = 179 mi/min). Dimensionless
parameter are changed slightly with the increment of eluent flow rate. Peclet
numbers in both sections are increased approximately by 20% moving the

system toward plug flow but y’s are decreased by about 30% in both the
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sections. As a result the system performance becomes poorer.

Figure 3.14 shows the effect of feed flow rate on the concentration profiles
of glucose and fructose in both the prefeed and post feed sections.The
concentration profile for fructose drops very sharply in the post feed section
with the decrease of feéd flow rate. This indicates separation is achieved
much earlier in the post feed section. On the other hand the separation of
fructose is reduced in the extract phase of the prefeed section. The change in
feed flow rate changes the parameters in the postfeed section only and it can
be seen that the change in dimensionless parameters favours better

separation which leads to an improved system performance.

The effect of switch time on the system performance can be observed
from Figure 3.i5. Comparison with Figure 3.9 shows that decrease in switch
time reduces the separation drastically in post feed section but improves the
recovery of fructose in the pre feed section. This may be attributed to the
lower residence time at shorter switch times. From Table 3.3 it is clear that
the effect of change in switch time is quite significant on the parameters of
both prefeed and postieed sections. Peclet numbers are increased
significantly but on the other hand Y, in both sections are decreased by about

40%. As the system moves toward more plug flow region, the purity of the

product becomes worse.

Figure 3.16 shows the effect of column diameter on the separation
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between glucose and fructose. It is evident that good separation is achieved
by increasing the column diameter to 0.4 cm. The separation in the postfeed
section is extremely good while the recovery of fructose from the prefeed
section is also significant. If the dimensionless parameter values are
compared with the base case (Figure 3.9), it is clear that the increase in
column diameter has decreased the Peclet numbers by 20% but has

increased v, quite significantly which resuits in a better separation.

The effect of number of individual adsorption column in a particular
section '6n the system performance is shown in Figure 3.17. The base case
shown in Figure 3.9 is plotted with 5 columns in the post feed and 6 columns
in the pre feed section. Keeping the total active number of columns constant,
i.e. 11, Figure 3.1_7 is plotted with 4 and 7 columns in the post and pre feed
sections respectively. When the steady state concentration profiles for
glucose and fructose for both the sections are compared with that of the base
case (Figure 3.9), it can be seen that qualitatively the profiles remain the
same. This interesting phenomena can be explained by the dimensionless
numbers listed in Table 3.3. Though the Peclet numbers for all sections have
changéd due to the change in section lengths, the parameter, ys are

unaltered in both sections. Therefore, the performance is expected to be

qualitatively same.
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3.5 CONCLUSIONS

A theoretical study of a more general case, unsteady state with non-linear
isotherm, was performed for the continuous counter current adsorption
systems. The relevant equations were solved to observe the effects of
parameters of practical significance on the performance of the system. The
present study reveals that the system performance is very sensitive to the
nonlinear parameter A. Under the same operating conditions while A = 0.0

may give good separations, the system would show poorer performance at

higher A and vice versa.

Though v is important to find out physically the direction of components
in each section, y alone cannot predict good separation. Good separation can
be predicted from the relative slopes of the operating line and equilibrium
line in both prefeed and postfeed sections for systems with linear isotherm.
In case of uncoupled nonlinear isotherm, good separation can also be
explained using similar approach. But in case of coupled nonlinear isotherm,
such criterion can not be applied because of the complex nature of the

equilibrium isotherm.

It can be concluded that as the system moves toward high mixing the
separation improves. At ideal plug flow i.e. Pe— o0, the system performance
decreases drastically. Besides this, it is also evident that good separation

occurs only when the y of fructose is greater than 2.45. On the other hand,
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bad separation prevails when y values of fructose are less than 1.86.

The results obtained for the limiting case of linear isotherm (A = 0.0) was
compared with the experimental data of Ching and Ruthven.[10,11] at both

unsteady and steady state conditions and were found to agree well.

Although, a Langmuir type of isotherm has been used in the present
simulation, any other isotherm can be conveniently used. This makes the
present model more general and adaptable for simulation from unsteady to
steady state conditions for any type of.equilibrium isotherm. Further, the

model can be easily extended to simulate the more practical “ Sorbex ”

system.
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Figure 3.6  Equilibrium diagram of a coupled nonlincar system.
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Table 3.1 Parameter values for the Glucose-Fructose system

Parameter Steady state Unsteady state
Linear case Nonlinear case Linear case
of Ching and (present study) of Ching and
Ruthven [4] Ruthven [5]}
Run 4 ’

Feed composition 55 - 55

(% Glucose, % Fructose)

Switch Time,min 15.0 13.33 15.0
Feed flowrate,ml/min '7.5 10.0 6.0
Desorbent rate,mi/min 97.76 179.0 99.76
Bed length,cm 100 200 100
Configuration 6,5 86,5 6,5

Prefeed,Postfeed

Column diameter,cm 5.1 5.1 5.1
AMA.B) 0.0,0.0 0.4.0.4 0.0,0.0
Ky 0.88 0.88 0.88
Kg 0.50 0.50 0.50

A = Fructose, B = Glucose
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Table 3.2 Parameter values for the MEA-MOH system

Parameter Nonlinear case
of Ching et al.[3]

Feed composition 20,10
(YeMEA,%MOH)

Switch Time,min 305
Feed flowrate,m!/min 5.0
Desorbent rate,mi/min 87.4

Bc;d l-ength,cm 100 i
Configuration 6,5
Prefeed,Postfeed

Column diameter,cm 55
A(A.B) 0.435,0.0
K, 1.24

K 0.63

8

A = Monoethanolamine (MEA), B = Methanol (MOH)
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Table 3.3 Effect of process parameters on dimensionless groups of coupled nonline:

system.

Post Feed Pre Feed
Effect F, Pe, Pe, v, 1, 1, Y2 at, o, Figure No.
Base Case 0.71 70.25 75.60 245 142 289 166 27.20 38.45 38
Column Diameter . {55) 065 49.10 48.80 4.09 237 520 300 4510 69.00 3.16
{cm)
Eluent Flow Rate (200) 0.74 83.22 92.86 1.86 1.08 2.10 122 20.64 27.88 3.13
{ml/min)
Eluent Flow Rate (150) 061 46.73 43.81 433 251 591 343 48.10 78.80 3.12
(mi/min)
Feed Flow rate (5) 0.77 66.42 75.60 265 154 287 167 2942 3845 3.14
{ml/min)
Individual Bed Length (100) 0.77 67.49 78.81 064 0.37 063 040 7.05 9.18 3.11
{cm)
Configuration (47) 0.48 5620 88.20 245 142 287 167 21.76 44.86 3.17
Switch Time (16) 0749190 103.03155 09 175 1.017 20.70 28.08 3.15
(min)

Post Feed and Pre Feed sections are consedered as Section #1 and Section #
respectively.
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CHAPTER 4

UNSTEADY STATE SIMULATION OF "SORBEX"
SYSTEM WITH NONLINEAR ADSORPTION ISOTHERMS

4.1 INTRODUCTION

In previous work [9] an efficient and general unsteady state model with
nonlinear equilibrium isotherm for continuous countercurrent adsorption
system represented by two sections was developed. Though, the system
proved efficient for separation of fructose from glucose, the concentration of
fructose was very low in the extract. A costly evaporation process would be
required to achieve the product at a desired concentration level. To
overcome this disadvantage, a more practical process called 'SORBEX’
system was introduced by UOP [2]. In this process, the countercurrent system
is divided into four sections and desorption is achieved by correctly adjusting
the flow rates in each section using water (eluent) instead of a separate purge

column [2-4].
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The first reported application of this process was by Bieser and deRosset

[1]. Although some process details have been published both for linear
glucose-fructose separation [5,6,12,13] and nonlinear MEA-MOH separation
[7,10], only limited efforts have been directed towards modelling and
experimental investigation of the dynamics of such systems. A general
review of counter current systems has been reported by Ruthven and Ching
[14]. The simplest theoretical model of the ‘SORBEX’ system based on steady
state conditions and linear isotherm was presented by Ching et al. [6] and
was shown to provide a good representation of their experimental data on
the glucose-fructose system. The numerical simulation of the unsteady state
case with linear isotherm was published by Hidajat et al. [11]. The system
was considered as a cascade of ideal theoretical stages with the number of
stages determined from pulse chromatographic experiment, which limits its
applicability to linear isotherms. Further, dispersed plug flow was assumed in
this study. A steady state model of the ‘'SORBEX’ system has been presented
by Ching et al. [7] for the nonlinear isotherm. In most practical systems the
concentrations of adsorbable species are large and therefore the effect of
nonlinearity of the isotherm becomes very significant in optimizing the
operating parameters [9]. The more general case of solving the unsteady
state system with plug flow for a nonlinear isotherm needs to be solved to
comprehend the effects of various process parameters on the system

performance.
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In this paper, a general mathematical model of the continuous
countercurrent ‘SORBEX’ system is developed which includes the nonlinear
(Langmuir) equilibrium isotherm. The equations developed have been solved
from unsteady to cyclic steady state. The effect of various operating
parameters (viz. switch time, feed flow rate, elqent flow rate, bed length etc.)
on the performance of the system has been investigated. Comparisons of the
experimental data for the MEA-MOH [7,10] and glucose-fructose system [6,11]

with the present simulation results show good agreement.

4.2 THEORETICAL MODEL

The mode! is developed for twelve columns with four hypothetical
countercurrent sections whose configuration was reported by Ching et al. [6]
as shown in Figure 1.3. The system thus may be considered as
approximately equivalent to the hypothetical continuous countercurrent
arrangement shown in Figure 4.1a. The equivalent solid velocity (u) is given

by the ratio of individual column length to switch time.

The theoretical model for the equivalent continuous countercurrent
system can be obtained from an overall mass balance around a differential

volume of adsorber shown in Figure 4.1b. The following assumptions are

adopted to formulate the model.

1) Plug flow of solid.
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2) Axially dispersed plug flow of fluid.
3) Isothermal operating conditions.
4) Linear driving force expression for mass transfer rate.

5) Isotherms are of nonlinear Langmuir form.

Adsorbent is considered to be flowing with a downward velocity u = L/t
where L is the individual column length and 1, is the switch time, while the

liquid is flowing upwards with a velocity V.

The basic differential equation describing the system dynamics for ith

component and jth section can be written as

d%c. oc,. —
L il _ V ij + ( 1 L)
i 622] !0z, €

€

0 dc
u qu — 1lj

0z ot

+(1T
! £

(4.1)

For a Langmuir type of equilibrium isotherms, the rate equation can be

written as
0q.. bgc.
;Jt,,_ = '_[____’qi i— —gq, (4.2)
4
1+ i;bic”
Initial Conditions
¢, = 0.0, (4.3)

Boundary Conditions

at z, = 0,



104

dc,
D'v-?z_l__ gm0t _Vi(culzj-r B Cillzl-wo') (4.4)
at zl.=L/,
% _ g0 (4.5)
0z

Material Balances
Material balances for each section are given by the following equations
At the inlet of section IV
Ci4|z4._o— = Ci3|za-LsJ (4.6)
At the inlet of section il

Vzcizlz -, T (Va - V2)C,
Gl o = —t— (4.7)

3

At the inlet of section i

Cll'z,-—Ls‘ (4.8)

Ci?lzzv-o‘

At the inlet of section |

v
I A (4.9)
1
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Using the following dimensionless variables

. c . q _ . _ %
C =—= =4 1= , Z= —
C @ qy. L1V R

sq 4 4

the above equations are written for ith component and jth section as

. - . . .
aC,,. - F 1 0 C” B aCU +yd oQ Ho_ ‘I'K.(Da—Ql] (4.10)
ot " Pe, a2z] 0z, "oz, oot
Q' C, . p
;’u S A——r - Q) (4.11)
i 1+ YA(C, — 1.0)
i=1
Initial Conditions
C, = 0.0 (4.12)

Boundary Conditions

at z,=00

. . 1 dC
c, =Cl,+ —

) oy (4.13)
Yo i Pe, dz, W

where C/I' is the inlet concentration of i for section j which can be obtained

from the material balance equations.
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z
= 2

1

gﬁ =00 (414)

dz,

Material Balances
At the inlet of section IV
Cly = Cllyio (4.15)
At the inlet of section il

Vzclm'zz-m +(V, - V)

Cl, = (4.16)
i3 vs
At the inlet of section il
Cly = Cilyro (4.17)

At the inlet of section |

. , v
Cl, = (C,-.,Iz‘-..o)—v—‘ (4.18)
1



107

The system of coupled differential equations described by equations
(4.10) - (4.14) has been solved from transient to steady state conditions by the
method of orthogonal collocation. Equations (4.10) and (4.11) with boundary
conditions represented by Equations (4.13) and (4.14) may be expressed in

the collocation form [8] for component A and section 1 as

dc

o 1 , ) : 1 .
—-d—:.'i = Fl[(_P_é—Bj_l - Ai,I)CA,l,i + YzAMQ At + (-BE—B].M2 - A/‘,MZ)CA.I.MZ
i 1
. M1 . M1 .
+ Y|(I)A/_M2Q A1M2 + Z(E—Bu - Ai,I)CA,l,i + Y(I)ZAj.IQ A
i=2 f i=2
C .
- YK®a { ; - - Q
YA, - D Ag(Cys — 1) ail)
(4.19)
Boundary conditions are written as
, 1 , . M1 ,
(CA,I,I — CHZ) = -P—e—(A"'C” + AI.MZC 1.M2 + ly"zA"iC 1.i) (4.20)
1 =
and
s M1 , .
AMZJCA.!,I + 4 AMZ,ICA,I,I + AM2.MZCA.I,M2 = 0 (421)

2

where CHZ = CI,,.
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The detailed derivation of equations (4.19), (4.20) and (4.21) is shown in
the Appendix. Similar, equations have been developed for all the four

sections.

For the system in the present study, two columns in section 1V, three
columns in sections Il and Il and four columns in section | have been
considered. This system configuration was used by Ching et al. [6], in their
experiments. Sixteen collocation points were used for each section which
requires solution of 256 simultaneous nonlinear ordinary differential
equations. The above sets of differential..equations have been solved using

the functional iteration method.
4.3 RESULTS AND DISCUSSION

4.3.1 Effects of Process Parameters on Separation

The proposed theoretical model was solved for different cases to observe
the effects of various parameters on the performance of the system. In Table
4.1, a set of parameters for the MEA-MOH system is tabulated which was
reported by Ching et al. [7] and Hidajat et al. [11] and have been considered
to be our base case. The results of the numerical simulation from transient to
the steady state conditions for various system parameters are shown in
Figures 4.2 to 4.7. The effect of these changes in parameters on the different

dimensionless groups are shown in Table 4.2. It may be noted here that the
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mass transfer resistance for MEA-MOH system has been reported to be very
low [6], and therefore the dimensionléss parameter a has no effect on the

system performance.

The results of the present simulation is analyzed in terms of degree of

c,-C
separation in extract and raffinate, which is defined as £ = —2——8 anpd
c,+C,
C',3 -C, .
R = —C—;—C—- where E and R refers to the extract and raffinate phases and
A 8

C', and C; are dimensionless concentrations of MEA and MOH respectively.

Using this definition the degree of separation can be represented in a -1 to
+1 scale. As the degree of separation approaches towards 1 a better
separation is achieved. On the other hand, when degree of separation
approaches to -1 it means that E phase is component B rich and in the R
phase concentration of component A which is the strongly adsorbed species

is high. At degree of separation 0 there is no separation between the

components.

From Figure 4.2, it can be seen that for 4,3,3,2 bed configuration, a
relatively pure product can be obtained in both extract and raffinate streams.
When the sizes of the sections are doubled the separation improves. But
when the bed number is reduced by one in each section, the separation
becomes relatively poorer in the extract. The steady state concentration

shows that both the previous configurations produce relatively pure products.
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It is also observed that except the E curve of 3,2,2,1 configuration, all curves
reach steady state after about 1000 mins. In case of 3,2,2,1 arrangement the E
curve takes about 1500 mins. to attain the steady state. The change in column
configuration has a tremendous effect on all of the dimensionless groups of
Table 4.2 except for y. The y criterion for good separation as described by
Ching et al.[6,7] which is

section IV: y,,>1,7,,>1

section l: v, >1,v,,<1

section II: y,,>1,7y,,<1

section I! v, <1,y,<1

is followed in all sections. If Y values are compared for both 8,6,6,4 and
3,2,2,1 configurations, it can be seen that they are identical and match exactly
with that of the base case. Besides v, at 8,6,6,4 configuration Peclet numbers
for all four sections are increased by about 100%. On the other hand, at
3,2,2,1 arrangement flow ratio Fs are decreased by 30%, while the Peclet
numbers are reduced by 100%. Therefore, it can be concluded that the

degree of separation is more strongly dependent on vy, rather than other

dimensionless numbers.

Figure 4.3 shows the effect of switch time on degree of separation. 1t is
clear that the switch time of 22.1 min gives the best product separation
among the three switch times reported here. When the switch time is

increased to 30.4 min the degree of separation is reduced both in the extract
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and raffinate phases. This behavior can be explained by the change in the
dimensionless groups. The change in switch time affects the solid phase
velocity which eventually changes the Peclet humbers since the dispersion
coefficient used in the definition of Peclet number is taken to be a function of
equivalent solid phase velacity also. At a 15 min switch time and at a 30.4
min switch time the magnitudes of Peclet numbers are decreased and
increased respectively by about 20% and 30%. Since y is a strong function
of solid phase velocity, the effect is quite significant. At a switch time of 30.4

.min y,, is less than 1 and thus fall into the bad separation category. On the

other hand, at a 15 min switch time, the magnitude of y for MOH in section 3
and 2 and y for MEA in section 1 are greater than 1 which violate conditions
of good separation. At lower switch time, though the raffinate produces
almost pure MEA instead of MOH, as indicated by degree of separation (-1),

fow concentration of MOH in extract makes this switch time unacceptable.

The effect of individual bed length while keeping the bed configuration of
the base case is shown in Figure 4.4. For bed length of 50 cm, separation in
both ra}ffinate and extract has become poorer. In case of bed length of 200 cm
raffinate gives pure MEA, however, the difference between MEA and MOH is
very low in the extract. Among these bed lengths, only the 100 cm long
columns produce concentrated MEA and MOH. Though change in bed length
has changed the dimensionless parameters of Table 4.2 moderately, it affects

the y values in all the four sections. It is clear from Table 4.2 that at higher
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bed length y values for MOH in sections 2 and 3 and of MEA in section 1 are
much higher than 1 and thus fall into the poor separation category. At a bed
fength of 50 cm y for MOH in sections 3 and 4 and y for MEA in sections 2
and 3 are less than 1 while result in a worse separation. The magnitudes of
Peclet numbers in all four sections are increased or decreased by 30% when
the individual bed length is increased or decreased by a factor of two. At 50
cm bed length curves E and R reach steady state at about 500 and 1500 mins.
The E curve shows a peculiar behavior at lower time, the degree of

separation drops sharply to -1 level and then slowly increases to its steady

state value.

The efifect of column diameter is shown in Figure 4.5. At a diameter of 5.5
cm, separation in both extract and raffinate is very good but with the increase
or decrease of diameter slightly, the degree of separation decreases both in
extract and raffinate streams. The change in column diameter changes the
flow rates in each section and thereby changing all the dimensionless
parameters except the Fs of Table 4.2. At a diameter of 6 cm which is about
10% more than that of the base case, Peclet numbers are increased by 10%.
At a .5.1 cm column diameter, the above mentioned parameters are
decreased by the same percentile. At a diameter higher than that of the base
case, y values are following the specified criterion for good separation but in
case of lower column diameter, v values for MOH are not less than 1 in both

sections 3 and 2 which is required for better separation.
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Figure 4.6 depicts the effect of eluent flow rate on the performance of the
system. The degree of separation is largest when the eluent flow rate is 87.4
mi/min. As the eluent rate is increased to 100 mi/min, the degree of
separation decreases to 0.5. At an eluent rate of 75.0 ml/min separation
becomes zero. This behavior can be explained from the y values reported in
Table 4.2. At higher eluent rate y of MOH in section 4 is less than 1 and thus
violates the criterion of good product purity. On the other hand, at a low flow
rate, ys for MOH in section 2 and 3 and y for MEA in section 1 are much
higher than 1 which leads to a poorer separation. Besides Y, other
parameters are not significantly affected by change in eluent rates though
this change is affecting the fluid phase velocity in all four sections. The
concentration profiles in unsteady region for both higher and lower eluent
rates are quite interesting. At an eluent rate of 100 ml/min curve R reaches to
its steady state value at about 2000 mins. It may be further observed that at
lower time up to 1200 mins it produces almost pure MOH in the raffinate
stream after which the degree of separation drops to 0.4. At a lower eluent
rate the unsteady profiles for both E and R show that both the curves drop to

zero separation, which is their steady state value after about 1800 mins of

operation.

Figure 4.7 shows the effect of feed flow rate. It can be seen that at feed
rates of 5.0 and 3.0 mi/min degree of separation is almost equal and the
magnitudes are approximately 1 in both extract and raffinate, which indicates

a very efficient separation. At higher feed rates the degree of separation in
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both the streams declined. As can be seen from Table 4.2, at both at high
and low feed flow rates y values obey the good separation criterion. However
in section 4 at high feed flow rate y for MOH is very close to one which leads
to a relatively poorer product composition. The unsteady profiles of both E
and R curves for both base case and a feed flow rate of 3 mli/min are quite
similar. In both the cases curve R reaches steady state instantly but curve E
attains its steady state value after about 1300 mins. At a feed rate of 10
mi/min, curve E reaches to its steady state value at about 1500 mins and
curve R at 2300 mins. But up to about 1500 mins. the degree of separation in
R stream was +1 and after that it drops down to its steady state degree of
separation of 0.6. It may be noted however that the change in feed flow rates

have changed only the parameter values of postfeed sections.
4.3.2 Comparison with Experimental Data

4.3.2.1 Lincar Systcm

In Figure 4.8, results of the steady state solution of the present model is
presen?ed for the limiting case of linear system (glucose-fructose) for which
the parameters are taken from the reported values of Ching and Ruthven [6]
and are presented in Table 4.2. In this figure results obtained from
experimental studies of Ching and Ruthven [6] are also shown. From this
figure it can be concluded that the present model, which is a more general
one, provides a good representation of the performance of a equivalent

continuous countercurrent adsorption system.
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4.3.2.2 Nonlincar System

In order to check the validity of the present model for nonlinear system,
computations were performed for the MEA-MOH system. Figure 4.9 shows a
comparison between the steady state solution of the present model for the
MEA-MOH system and the experimental results reported by Ching et al. [7]
and Hidajat et al. [11]. This figure shows the profile when only MEA follows a
Langmuir type of equilibrium isotherm but MOH follows linear relationship
and there is no isotherm dependency between MEA and MOH. All the curves
agree very well with the experimental results. Also shown- in this figure are
the profiles if both isotherms were chosen linear. It is evident that the

prediction is not good with linear isotherm assumption.

In Figures 4.10, the performance of the system is shown for the case
when a nonlinear binary Langmuir for of isotherm for MEA and linear
isotherm for MOH are considered. This would make the isotherms coupled as
can be observed from equation 4.11. It can be seen from this figure that
concentration and purity of product in both extract and raffinate streams

become poorer compared to uncoupled case.

4.4 CONCLUSIONS

A theoretical model of ‘SORBEX’ system for unsteady state is developed
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for nonlinear MEA-MOH system. The model equations are solved to
investigate the effect of various process parameters on the performance of
this widely used countercurrent adsorption system. The present study reveals
that the system performance as well as dynamics are very much dependent
on some physical parameters of the system, viz. bed length and diameter of
the adsorption columns. Other operating parameters like feed flow rate,
eluent flow rate and switch time affect the performance of the process

considerably. The system is very sensitive to these parameters and should be

chosen carefully.

The results obtained for the case of MEA-MOH, when MEA follows
nonlinear (Langmuir) and MOH follows linear equilibrium isotherms, were
compared with the experimental and theoretical results of Ching et al. [7]
and Hidajat et al. [11] at steady state. Also the glucose-fructose systems was
investigated and compared with result of Ching et al. [6]. Good agreements

are observed with the predictions from the present model for both systems.

The effects of various parameters were obtained for uncoupled isotherm
relation between MEA and MOH. The effect of coupling between the
isotherms on the system performance was also computed which indicated
that the overall performance becomes poorer. The present model can be
employed to predict the performance of countercurrent adsorption systems
for various combinations of isotherm relationship, viz. linear-linear, linear-

nonlinear and nonlinear - nonlinear etc. The above features make the present
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model more general and versatile for simulation of continuous countercurrent
systems from unsteady to steady state conditions for various types of

equilibrium isotherms.
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Figurc 4.1(a) Schematic diagram of 4-scction cquivalent countercurrent
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Table 4.1 Parameter values for the Glucose-Fructose and MEA-MOH system

Parameter Linear case Nonlinear case
of Ching and of Ching et al.{7]
Ruthven {6]

Feed composition 5,5 20,10
{Y%A,%B)

Switch Time,min 30.5 221
Feed flowrate,ml/min 10.0 5.0
Desarbent rate,mi/min 38.8 87.4
Raffinale rate,m!/min 13.8 13.7
Extract rate,ml/min 16.8 44.0
Bed length,cm 100 100
Configuration 43,32 4,3,3,2
Column diameter,cm 5.1 5.5
A(A,B) 0.0, 0.0 0.435,0.0
K, 0.88 1.24
Kg 0.50 0.63

A = Fructose/MEA, B = Glucose/MOH
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CHAPTER 5

A DETAILED MODEL FOR SIMULATED MOVING BED
ADSORPTION SYSTEM

5.1 INTRODUCTION

Adsorption separations using simulated countercurrent operations are
widely used for systems in which mass transfer resistances are very high.
The countercurrent mode of operation is usually accomplished by
mechanically moving the two phases in countercurrent directions, which is
normally a complex and capital intensive operation. This disadvantage has
been recently removed by the use of a simulated moving bed arrangement, in
which the fluid inlet and outlet points are switched at intervals through a
number of fixed adsorbent beds in order to simulate the effect of continuous
countercurrent contacts. A number of important industrial separations which
include the separation of glucose and fructose, monoethanolamine and
methanol have been developed on the basis of this principle. The subject has
been reviewed by deRosset et al. [15], and Ruthven and Ching [16]. Ching et
al. in a series of papers[1-10], reported the results of an experimental and
theoretical study of a small scale ‘Sarex’ unit for separating glucose and

132
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the experimentally observed behavior could be understood by modelling the
system in terms of the equivalent true countercurrent system. Recently, a
transient model with a general equilibrium isotherm has been presented on
the basis of the same approximation [12,14]. Although such a model
provides a useful representation of the actual system, it is based on a rather
severe idealization and cannot be expected to account fully for the detailed
behavior of the actual system. Therefore, in order to get a better insight to
the dynamics in each column, a detailed model is required. Hidajat et al. [13]
published their results of experimental and numerical simulation of a semi
continuous adsorption unit by considering each column as a cascade of ideal
mixing stages. By adopting the plate model, they considered each column to
be equivalent to ten theoretical stages which they obtained from pulse
chromatographic measurements [7]. Such an equivalence is possible only for
a linear system. They developed their model for the linear system of
glucose-fructose. But for a nonlinear system the process parameters are
strongly coupled thereby making it difficult to develop the model with

nonlinear equilibrium isotherms on the basis of the plate model.

In the present study, a more general model is therefore developed by
writing the appropriate differential equations and relevant boundary
conditions for each column. An axially dispersed plug flow model with linear
driving force rate expression for mass transfer and binary Langmuir isotherm
for equilibrium are considered. The boundary conditions for each column,

which are time dependent have been written, and varied as per the switching
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operations.

Computations are performed for several cycles till the cyclic steady state
is obtained. The effects of various process parameters, viz., eluent to feed
ratio, Peclet number, bed length, switch time etc. on the system performance
is investigated. The results obtained from the present model have been
compared both for the linear glucose-fructose system and for the nonlinear

MEA-MOH system with that of the equivalent models and with available

experimental data.

5.2 THEORETICAL MODEL

The simulated continuous countercurrent system is described in Figure
5.1. To simulate the solid phase movement, feed input position is switched
from one bed to another instead of recirculating the solid phase. This
switching depends on the equilibrium and kinetic parameters of the system.
Each time, with changing feed point and draw off position, material balance
and boundary conditions are changed. After the feed location comes back to

its original position at time t = 0, the system is considered to have

completed one cycle.

The governing equations for the detailed model can be obtained from an

overall mass balance around a differential volume of adsorber shown in
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Figure 5.2. The following assumptions are adopted to formulate the model:

1) Axially dispersed plug flow of fluid.
2) Isothermal operating conditions.
3) Linear driving force expression for mass transfer rate.

4) Isotherms are of nonlinear Langmuir form.

The basic differential equation describing the system dynamics for ith
component and jth bed can be written as
d’c, dc dc, 1-¢. 0q,

D,—2 — Vi = Ly
L 5221 ’62, ot ( g )at

(5.1)

For Langmuir type of equilibrium isotherms, the rate equation can be written

as

aqu =k blqscll

ot - ,'[ P - q,',-] (52)
1+ Zbic,j
i=1

Initial Conditions
Initial condition of a bed at any particular time will be equal to the final

condition of that bed at the previous switch time.
Boundary Conditions

at z, =0,
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OC}. _ _
LI azj 21—0 3 - /.(C"ilzj'-O" C’flzj-vo i ) (53)
at zl.=Ll,
0z .

Mass Balances

Material balances at the inlet of each bed except for the beds following

the feed point and eluent point are

= i %
Ctvry- CiiIZL,’ j*fore

i.e. the concentration at the inlet of a bed is equal to the exit concentration of

the previous bed.

Material balance for the beds following the feed point and eluent point

are :

Vr-lcir—llz,_,-l_,_, +(V, — V. ),

- 55

- % (5.5)
v,

ci‘-'- = (Cie—||zc__,—L‘,__1) Vv : (56)

e

Using the following dimensionless variables
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t - ZI.

, q, v, L

O
Il
I'n)
Il
)
]
i
N
]

1
the above equations can be written in dimensionless form for ith component

and jth bed as

ac,; 1 9°C, oC, Q,

7 /[Pe, 3z, oz, MG o1
2Q o} :

= = ol . - Q, : (5.8)

K .
1+ ;x,(c,, - 1)

Initial Conditions
Initial condition of a bed at any particular time will be equal to the final

condition of that bed at the previous switch time.
Boundary Conditions and Mass Balances

Boundary conditions in general for all beds can be given by the following

equations:

at Z,=00

, dcC’..
=c) Ty (5.9)
i Wzi-o Pe, dZ] Zi-0
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z,
at Z/ = L
L1

dc’,
i =00 (5.10)
dz

j

where CI'U_,_ is the inlet concentration of each bed and can be obtained from

the material balance equations.

Material balances at the inlet for each bed except for the beds following

the feed point and eluent point can be expressed by :

Cly,, = C'UlzLj, j#*fore (5.11)

or in other words, the concentration at the inlet of a bed is equal to the exit

concentration of the previous bed.

Material balance for the beds following the feed point and eluent point are

as follows:
. ViilCouilyn  +(V,—V, )
Cf, = ——L 112 T m—— (5.12)
f
. , V.,
Clie = (C’e“lzc—1"Lc—1) V‘ (513)

e



139
it may be noted, however, that the flow rates in all beds of a particular

section are equal but quite different than that of other sections.

After one switch time, the feed point and draw off position will be moved
forward by one bed in clockwise direction and so also the boundary
conditions. The system of coupled differential equations as described by
equations (5.7) to (5.13) have been solved from transient to steady state
conditions by the method of orthogonal collocation. Equations (5.7).and (5.8)
with boundary conditions represented by equations (5.9) and (5.10) may be

expressed in the collocation form [11] for component A and bed 1 as

dac’ 1 , 1 .
d:.l.l = F'[(.}BEI-B"‘ - Aj,l)CA,U + (P_e'B"‘Mz - A;.Mz)CA.wz
M 4 ,
+ 1;2( Pe, Bl,i - Ai,i)CA,l,I
~ WK®a,{ ¢ - Q)

1+ AA(c'A‘,.,. - 1) + AB(C'&,', -1

(5.14)

Boundary conditions can be written as
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, 1 ) , M1 .
(CA,l,i — CHZ) = T;é_(Au.tCLi + AI_MZC 1.M2 + ZI‘,AUC |.i) (5.15)
1 i=

and

cC,. +A C =0

M2,i~ AL M2M2™ A1 M2 (516)

, M1
AMZJCA,IJ + i-Z2A
where CHZ = CI'M_.

The detailed derivation of equations (5.14), (5.15) and (5.16) are similar to
those shown in Appendix A. Equations for all 12 beds can be written

accordingly.

For the system in the present study, 12 columns with 4,3,3,2 configuration
[9] respectively, have been considered. Five collocation points were used for
each bed which requires solution of 240 simultanecus nonlinear ordinary
differential equations. The above sets of differential equations have been

solved using the functional iteration method.
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5.3 RESULTS AND DISCUSSIONS

The present model is solved both for linear and nonlinear systems from
transient to steady state using the parameter values reported by Hidajat et al.
[13] and Ching et al. [10] which are listed in Table 5.1. The numerical runs
are performed and plotied to study the dynamic behavior of these systems.
Dimensionless concentrations are plotted with respect to bed number for
different cycles. The effect of various process parameters on the performance
of the system is investigated for nonlinear MEA-MOH system. Moreover, the
steady state results of linear and nonlinear systems are compared with that

of the experimental results reported in the literature.

5.3.1 Transient Behavior

Figures 5.3 to 5.6, summarizes the results of the transient concentration
profiles for all the twelve beds till the cyclic steady state is achieved. Figures
5.3 anq 5.4 represent the concentration profiles of glucose and fructose
respectively. From these figures it can be seen that after 5 cycles of
operation, i.e. after about 1830 minutes, both fructose and glucose reach
their steady state profile. The qualitative concentration profiles after cycle 1
and 3 of both the components are similar to that of the steady state profile.
In both Figures 53 and 5.4, feed is at 12th bed so according to the

configuration, raffinate and extract are collected from the end of bed 2 and 8
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With time the concentration of the raffinate product, which is mainly the
weakly adsorbed species i.e. glucose, reaches to its steady state value of 0.65
while the concentration of other component, fructose, is about 0.02. The
existence of discontinuities in concentrations between beds, as shown in
these figures, which is pronounced especially between beds 4 and 5 and
between beds 11 and 12 are due to the axially dispersed plug flow boundary
conditions. Because of the introduction of eluent and feed, respectively after
bed 4 and 11, discontinuities are quite significant at these positions. Figures

5.5 and 5.6 are similar plots of nonlinear MEA-MOH system.

According to the configuration the system can be divided into adsorption
and desorption sections upon switching. After each switch a new bed is
regenerated and included into the adsorption section, at the same time the
first bed of the previous adsorption section arrives in the desorption section.
The configuration shown in Figure 5.1, has 5 beds in the adsorption section
and 7 beds in the desorption section. As can be seen from Figures 5.3 and
5.4, at 12th switch, bed 12 to bed 4 belong to the adsorption section. So the
fluid phase concentration of the strongly adsorbed component, i.e. fructose,
starts declining as it gets adsorbed faster onto the active sites of the solid
adsorbent than glucose which results in almost pure glucose in the raffinate
which is drawn from the end of bed 2. The concentration of glucose starts
dropping right after bed 2 and reaches a minimum at bed 5. At this point the
concentration of both fructose and glucose are almost zero. The waler which

is introduced at this point, desorbs the previously adsorbed fructose,
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is introduced at this point, desorbs the previously adsorbed fructose,
therefore increasing the fructose concentration in the fluid phase. As a result
almost pure fructose can be obtained in the extract stream which is drawn
from the end of bed 8. Therefore due to the difference in degree of
adsorption between components, a phase lag in concentration exists between
the separable species. At the next switch the location of 'the feed as well as

the location of other ports will be advanced one bed in the direction of fluid

flow.

In case of MEA-MOH system, the transient profiles are drawn in Figures
5.5 and 5.6, the concentrations follow the same trend. Since the equilibrium
constant of MEA is higher than MOH, it gets adsorbed very quickly after
introduction of the feed at 12th bed and the concentration reaches to zero at
the 2nd bed. After the introduction of the eluent at bed 5, the concentration
front of MEA starts rising and at bed 10 reaches to its steady state values of
0.2. Comparison of Figure 5.5 to Figure 5.6 reveals that for MEA it takes

about 3 complete cycles to reach steady state, whereas MOH requires more

than 10 cycles.

in Figures 5.7 and 5.8, the change in concentration profiles of fructose
and glucose in a particular bed are plotted respectively for twelve switches of
a cycle at steady state. The corresponding plots for MEA and MOH are shown
in Figures 59 and 5.10. These figures display how the concentration is

changing with respect to switches.
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it is also evident from these figures that there exist a transient
concentration profile in each bed which is changing with change in switches,

although the overall system has reached a cyclic steady state.

5.3.2 Effect of Process Variables

In order to examine the effects of the process variables viz. Peclet
number, eluent to feed ratio, column length, switch time, etc.,, on the
performance of the system several simulation runs were performed by
changing only the corresponding parameter for the MEA (nonlinear)-MOH
(linear) system. The effects of the process variables in terms of raffinate and
extract compositions are tabulated in Table 5.2. It may be noted however that
the reported concentrations are taken at the end of the switch time instead of
time averaged values. The effect of Peclet humber is quite large. As Peclet
number increases, separation improves only in the raffinate stream. At a very
high Peclet number, concentration of MOH in the raffinate reaches a very
high level of 0.57 without losing its purity of 100%. But at this low dispersion,
the compositions of both MEA and MOH in extract stream are zero. At high
dispersion, i.e., at Pe—0, MOH concentration in the raffinate is too low and
the purity of the product is also reduced. Though at low Peclet number, MEA
concentration in extract is high compared to the moderate Peclet number,

presence of high concentration of MOH makes this choice unacceptable. The
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product yield in both the streams are high and satisfactory at a moderate

Peclet number.

The effect of eluent to feed ratio at constant feed flow rate is quite
significant. Concentration of MEA in raffinate remains zero up to a ratio of 26
though the MOH concentration increases. A@ higher eluent flow rate, the MEA
concentration increases while the MOH concentration decreases, thereby
making the separation worse. In the extract, the concentration of MEA
decreases with increase in ratio but concentration of MOH decreases to its

minimum value of about zero then increases to 0.044 at a ratio of 52.

The concentration of each component, both in raffinate and extract
decrease with increase in eluent to feed ratio at constant eluent flow rate. In
raffinate, the concentration of MEA drops very sharply from 0.5 to zero when
the feed flow rate is halved. After that,with increase in feed flow rate, the
concentration of MEA remains unchanged, but the concentration of MOH
decreases very slowly. In the extract stream the picture is quite similar to
that of the raffinate; only both concentrations are declining very sluggishly. It
can be noted here that at this eluent to feed ratio, the purity of both the
component in extract and in raffinate is higher than that of the base case but

this higher purity is achieved at the expense of lower concentration of MOH

in the raffinate.

With increase of bed length, the MEA concentrations, both in raffinate and

in extract first decrease to a minimum at a bed length of 100 cm, which is
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then followed by a slow rise. The MOH concentration in raffinate stream
shows the opposite scenario rising to its maximum at 100 cm bed length. At a
bed length higher or lower, the concentration is very low. In extract the
profile reverse with the concentration of MOH minimum at 100 cm with a

concave upward profile.

From Table 5.2, it is clear that the switch time has also a pronounced
effect on the system performance. The MEA concentration in raffinate shows a
concave upward profile with the minimum at zero at 2 22.1 mins. switch time.
Although the concentration drops very slowly between 15 and 22.1 minutes, it
rises very sharply when the switch time is longer than 22.1 minutes. On the
other hand, MOH concentration in the raffinate is a maximum at 22.1 minutes
decreasing very sharply at longer or shorter switch times. in the extract
stream, the concentration of MEA slowly decreases from 0.1 to almost zero
when the switch time is increased by 100%. Conversely concentration of
MOH first drops slowly to zero between 15 and 22.1 minutes, but at a switch

time longer than 22.1 minutes, it rises very sharply reaching 0.54 at 30

minutes switch time.

From the above analysis, it may be observed that there exists an
optimum combination of eluent to feed ratio, column length and switch time
at which the system performance is best. This can be explained in terms of
the residence time of each column during adsorption and desorption modes

of operation. A longer residence time during the adsorption mode pushes the
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concentration front towards breakthrough. On the other hand, at shorter
residence time, the regeneration of the column becomes inefficient.
Therefore, both long and short residence times are unsuitable for best
process performance. However, the final choice of the operating conditions

for any given system would depend on the product purity and yield desired.

A comparison of the results obtained from the detailed model with that of
the equivalent countercurrent model is also shown for the base case in Table
5.2. It is evident that the two models predicts almost the same concentrations
in both raffir;ate and extract streams. However, the present model in addition
gives a better insight into the profiles in each beds at all times. Further, due
to the numerical nature of the problem, the detailed model simulation
requires about one fourth computational time as compared to that of the
countercurrent model for the same run. For instance, to solve the nonlinear
MEA-MOH system for 10 complete cycles, the equivalent countercurrent
model requires about 200 minutes CPU time whereas the detailed model

needs only about 50 minutes of CPU time.

5.3.3 Comparison with Experimental Data

The results of the steady state solution of the detailed model is presented
for linear and nonlinear systems in Figures 5.11 and 5.12 respectively, for

which the parameters are taken from the reported values of Hidajat et al. [14]
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and Ching et al. [10] which are given in Table 5.1. In these figures results
obtained from the experimental studies of those authors using the same
parameter values have also been presented. In both cases initially clean beds
were assumed at the start of the first switch of the first cycle, and toward the
cyclic steady state profile is reached after about 5 cycles for glucose-fructose
'system and 10 cycles for MEA-MOH system. The experimental data for
glucose-fructose system is taken from the semi continuous countercurrent
study of Hidajat et al. [13], which were obtained at the middle of each switch
time. In the experimental study the samples were taken at the middle of a
switch, while for the present theoretical study the concentrations at the end of
each switches are reported. In the case of MEA-MOH system, the comparison
with the experimental results of equivalent countercurrent study of Ching et
al. [10] is shown in Figure 5.12. In this case the experimental results are also
reported at the middle of the switch time. The difference in concentrations
between their experimental data and the present theoretical results for both
systems are due to the difference in sample analyzing time. This results in
the difference of concentrations between the experimental and theoretical
studies. From both the figures, it is clear that the locations of the product
concentrations have been shifted by one bed due to the difference in the
reported sampling time. Nevertheless, the agreement between the present

model and experiment is quite satisfactory.

5.4 CONCLUSIONS
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A theoretical detailed unsteady state model of continuous countercurrent
adsorption system is developed and solved for 12 adsorption columns to

examine the dynamics of each column.

The model equations were solved to study the change in concentration
profiles in each bed with number of cycles, for the linear glucosefructose
system and the nonlinear MEA-MOH system. The results obtained for these
systems were compared with the experimental results of Ching et al. [10] and
Hidajat et al. [13] respectively. Since the experimental data were reported at
the middle of the switch time and the theoretical results are at the end of the
switch time, there exists a small difference in concenfration at each location.
Further, the change in concentration of a particular bed at steady state with
number of switches is shown both for linear and nonlinear systems. it can be
seen from Figures 5.3 to 5.12 that the present model gives better insight into

the transient and steady behavior of each column.

The model equations are also solved to investigate the effect of various
process parameters (axial dispersion, eluent to feed ratio, bed length and
switch 'time) on the performance of this extensively used countercurrent
adsorption system. It is observed that the system is very sensitive to these
parameters and thereby the product purity and yields are very much affected

by slight change in any of these variables.

It is also seen that the numerical solution of the detailed model is faster

than that of equivalent countercurrent model.
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Figure 5.1  Schematic diagram of the physical arrangement of columns
and valves for detailed model.
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Bulk flow of fluid Axial dispersed plug

_

Figure 5.2 Schematic diagram of the mass balance of jth bed for
detailed model.
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Table 5.1 Parameter values for the Glucose-Fructose and MEA-MOH system

Parameter Linear case Nonlinear case
of Hidajat of Ching
et al.[14] et al. {10}
Feed composition 55 20,10
(%A, %B)
Switch Time,min 30.5 22.1
Feed flowrate,m!/min 9.0 50
Desorbent rate,mi/min 65.0 130.4
Raflinate rate,mi/min 13.8 13.7
Extract rate,mi/min 16.8 440
Bed length,cm 100 100
Configuration 433,2 43,3,2
Column diameter,cm 5.1 5.5
A(A,B) 0.0, 0.0 0.435,0.0
K, 0.88 1.24
K, 0.50 0.63
= Fructose/MEA

]

Glucose/MOH
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Table 5.2 Comparison of dimensionless product concentrations at steady state

Variable Effect Variable Parameter _Raffinate . Extract
A B A -]

Effect of Pe—0 0.05 0.2 0.08 0.04
Axial Dispersion Pe = 25 0.00(0.0)  0.45(0.36) 0.045(0.10) 0.004(0.002)

Pe— 0.0 0.57 0.0 0.0
Elfect of 13.0 0.0 0.021 0.10 0.02
Eluent to Feed 26.0 0.0 0.45 0.045 0.004
ratio(Feed const) 52.0 0.385 0.21 0.004 0.044
Effect of 13.0 0.50 0.70 0.06 0.03
Eluent to Feed 26.0 0.00 0.45 0.045 0.004
ratio(Eluent const) 52.0 0.0 0.24 0.027 0.001
Effect of L=250 0.18 0.156 0.055 0.066
Bed Length L =100 0.00 0.45 0.045 0.004

L =200 0.05 0.035 0.084 0.093
Effect of =15.0 0.038 0.00 0.10 0.07
Switch Time =221 0.00 0.45 0.045 0.004

=300 0.33 0.2 0.0076 0.536

Base case is Pe = 25, Eluent to feed ratio = 26, Bed length = 100 cm and Switch time = 22.1
minutes

Numbers in parenthesis represents the corresponding concentration of MEA and MOH from
equivalent continuous countercurrent model [14].

A = Monoethanolamine (MEA), B = Methano! (MOH)
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CHAPTER 6

CONCLUSIONS AND RECOMMENDATIONS

6.1 CONCLUSIONS
6.1.1 Equivalent Countercurrent Model

1) System performance is very sensitive to the nonlinear parameter A. While
operating conditions with A = 0.0 may give good separations, the same

system may show poorer performance at higher \ and vice versa.

2) The flow ratio Y, is important to find out physically the direction of

components in each section, however, y alone cannot predict good

separation.

3) Good separation can be determined by the relative slope of the operating

and equilibrium lines in both pre feed and post feed sections which is very

straightforward with linear isotherms.

4) In case of uncoupled nonlinear isotherms, good separation can also be
predicted from a similar approach with little difficulties but in case of coupled
nonlinear isotherms, it is proven very complicated to develop any such
criterion because of the complex nature of the equilibrium isotherms.
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5) The results of both two-section and four-section equivalent models are
compared with corresponding experimental data for limiting cases of linear
isotherm (glucose-fructose) and uncoupled nonlinear isotherm (MEA-MOH) at
steady state and found to agree well. In case of linear glucose-fructose

system, results of unsteady solution match very well with that of the

experimental data. B

6) The present model therefore, can be used to predict the performance of
countercurrent adsorption systems for any type of equilibrium isotherm for

both steady and unsteady state.

8) In case of nonlinear system, the effect of coupling between the isotherms
is very pronounced and reduces the yield. Also, this coupling makes the

numerical prediction and calculations very complex.

6.1.2 Detailed Countercurrent Model

1) This model gives better insight into each adsorption column, which is very

helpful-in investigating column dynamics.

2) This model is based on less idealization and therefore represent the

actual system quite well.

3) The numerical simulation of the detailed model is much more stable and

faster than the equivalent model. To get results free of numerical oscillation,
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only 5-point collocation scheme is needed whereas for same level of

accuracy in equivalent model, 14-point collocation scheme is required.

4) Because of the lower number of collocation points, the detailed model
needs only about 50 mins. of CPU time to solve 10 complete cyciles for the
uncoupled nonlinear case whose parameters are given in Table 5.1. However
Ato solve the four-section model for the same system with same parameter

values requires about 200 mins. of CPU time.

6.2 RECOMMENDATIONS FOR FURTHER STUDY

On the basis of results obtained from the present study, the following

recommendations can be made for future work:

(1) In the present study, the equilibrium constants are considered to be
independent of temperature. But in some cases, due to high concentrations,
the heat effects may become quite significant and therefore the assumption of
isothermal column condition may not be appropriate. It is therefore

recommended that the model be extended to the nonisothermal case.

(2) A linear driving force rate expression was used for solid phase mass
transfer in simulating both equivalent countercurrent modeis and detailed
model. However, in order to check the validity of this assumption, it would be

desirable to compare directly the results of the present models with that from
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the same models extended to include diffusional rate expression for the mass

transfer equation.

(3) Since the theoretical models developed provide a good representation of
the experimental results and since the model is very general, an optimization
program may be included in order to arrive at an optimal_gpmbination of

operating variables for any countercurrent adsorption system.

(4) As continuous countercurrent adsorption systems are very complicated
both in design and operation, the model should be extended to include the

process control aspects of these systems.
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NOMENCLATURE

Langmuir equilibrium constant

sorbate concentration in feed stream

sorbate concentration in fluid-'phase of compon;;t i

sorbate concentration in fluid phase for component i in bed j
dimensionless sorbate concentration in fluid phase for com-
ponent : in bed j

inlet concentration of fluid phase for component i at bed j
initial (t< 0) steady state values of ¢

axial dispersion coefficient (for flow in bed j)

dimensionless factor, (VILA)/(V4LI)

adsorption equilibrium constant (for A, B)

overall effective mass transfer coefficient

length of adsorption bed.

length of adsorption bed following the feed point

length of adsorption section

average solid phase conceniration which is in equilibrium
with fluid phase concentration of feed stream

average solid phase concentration (of component i in bed i)

dimensionless solid phase concentration of component i at

bed j
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q, saturated solid phase concentration

q equilibrium solid phase concentration

t time

u linear velocity of solid

v, velocity of fluid at section/bed j

vV, velocity of fluid at the bed following the feed peint

v, velocity of fluid at the bed following the eluent point

X; mole fraction of component i

z axial distance coordinate

Z, dimensionless distance —l:z—’— (3), LZI (4). -z—: (5)
GREEK LETTERS i

by ratio of packed to void ratio, (1 —¢)/¢

® non-linear factor, 1 — iki

a dimensionless mass tl:alnsfer parameter k—L—j

L separation factor 4

Y; ratio of downflow to upflow rates = (1 —r)Ku/eV,

£ bed porosity

A ‘ nonlinearity parameter, T

. switch time )

DIMENSIONLESS GROUP

Pe; axial Peclet number for bed/section j VLD,



APPENDIX A

DERIVATION OF THE COLLOCATION EQUATIONS

The partial differential equation in chapters 3, 4 and 5 is repeated here for

convenience -

(?C'M s 1 (’)2(}&' ~ ac'M ‘v 6Q',._‘
Jt " Pe, 022, 0z, "oz,
C .
= YKda { - Al - = Q41 (A1)
1+ )\'A(CA,I — D+ A(Cy, - )
atZ, =0
, 1 dC,,
C, =CHZ + — : A2
A Pe, dz, (A2)
atz, =1
9y (A3)

az
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and can be reduced to sets of ordinary differential equations by the method of

orthogonal collocation.

Equation (A1) becomes

dc’ 1 M2 , M2 , M2 )
A
AL Fls=28Caii = X ACan + VDY A Q.
dt Pe‘ i=1 i=1 i=\

cC,.. .
~ YKda , Al , = QM
1+ 7\.A(CMJ - 1) + XB(CB‘U - 1)

(A4)

= Fl[ P_e, Bj,ICA,M + Pe, '_;Bi,icll\,l.i + Pe, Bi,M?.C.A.LME

. M1 , .
- Ai,ICA.I,l - zAj,icA.l,i - Aj,M2C A1 M2
=2

) M} ) .
1, ®(A,Q,,, * I_ZZ,AI'-"Q ari 7 AuQ a )

c
- YKDqa . Alj ' _ Q }
1{1 + XA(C,U,,- -1 >”6(-C6,1,j - 1) AL ]

(A5)



- A LM?_)C'

dc’, .. 1 . . 1
d:'u = F‘[( Pe' Bj,l - Ai.!)CA,l_l + YlAj,lQ ALt + (Pe, Bj_M2
, M1 , M1 ,
+ Yl(l)Ai.A42Q A M2 + IZZ(EB;J - Ai,i)C At + ‘YI(I);AIJQ At
= 1 i=
_C —
— TK®Da,{ TN CANEE
1+ }\'A(CA.LI’ 1 B( B.1.j )
where,
M2 =M + 2,
M1 =M + 1

M = number of internal collocation points
and j = time interval
Equations (A2) and (A3) are written as

: 1 , 1
(Chuyy = CHZ) = —A, C,, = —A

Pe‘ . Al Pe1 1.M2

and

c

A 1LM2

1

Mt

+——=>A

Pe

1i=2

c

i~ AL

- Q'A.!J}]
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(A6)

(AT)
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AM2.IC'A.1.1 + AM?,iC'A.Li + AM2.M2C'A.1.M2 =0 (AB)

From equations (A7) and (A8), C,,;and C, . can be expressed in terms of

internal collocation points,

. A, MzPeICHZ ,=2A'-’C A
Cani = | A, -Pe A —P
v - e - Fe
(Am - Pei){Ai.M2 - AM2.M2( UA ‘)} , " I
M2,1
M1 A  — Pe .
Al_lezz{AMz.l(_%q'_‘) - Al,i}CA.I.i Pe CHZ
— = M2,1 _ 1
A, ., — Pe A  — Pe
(A, = Pe){A,,, — AMz_m(—#‘A;——-i)} M ‘
M2,1
(A9)
M1 A . — Pe .
{Amz,i(—ilf——l) - Ai,i}CA,i,i — Pe,CHZ
. i=2
Coaime = HAL A~ Pe (A10)
A _ A ( 1.1 l)
1.M2 M2.M2 Ay
Solid phase boundary conditions :
atz, =0, Q, , =1 (A11)

atZ, =1, Q,,,=0 (A12)
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From equations (A6), (A10), (A11) and (A12)

dC,y 1 . 1 .
dg,u = F'[(_Pe‘ By =~ AJC . T YDA+ (_Pe, By = AindC aime
M1 1 s M1 ,
+ Z( B/.i - Ai,i)CA,l,i + YI(DLA/_,'Q AL
i=2 Pe' _i=2 —_—
C, .. ]
— YKo 21 — Q]

1+ AA(c'A.,_,. - 1) + }\B(C'B.,J. - 1)

(A13)

After substituting C', | |, C, , ,,. in equation (A13)

1 1
dCA"J — [ - (Pe, it /1) %A - B 1_M2( Pe, it 1.1)
dt ' A1.I — Pe, & WAL A, — Pe,
A (A1.| - Pel ) — A
M2.i A"'—_ 1 ' Pe CHZ 1
{ o M2.s \C + 1 B - A )
A —_ Pe b A,',f A — Pe Pe 1'1 ]'1
A — A ( 1.1 1) " . .
1.M2 M2,M2 AM?_ '
Al.Mz My 1 )
{ A, - Pe, 1+ Z(pe By = AC ari
A - A ( 1.1 1) i=2 ,
1.M2 M2,M2 A

M2.1
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— Pe \ 1
(AM2,1(——L—‘-_——1') - Al.i)CA.l.i Pe|CHZ(-"P_—BI.M2 - Aj,MZ)
+ (—1—-8 - A )i=2 AM2.1 e,
Pe, MM M A,, — Pe, A, — Pe,
At.M2 AM2,M?(-_’7‘_—-) AI,M2 - AMZ.MZ(_A-_—)
M2.1 M2.1
+ Ya(b(Ail + fA]lQ;Ali) — YK®a { : CIA.L/' . - lei}]
EEREE THA(Cpyy— D+ A(Cyy; =D -
(A14)
Equation (A14) can be rearranged as
A A“ — Pe, 2
dCIAI] A 1 M A, i M
—L = F —B,, —A)—-{(—B.. — A .
dt '[[,;-!(Pe1 1 "') {(Pe & "’) A“ — Pe
(Au - Pel)(Al,M2 - AM?,M’_-‘ A
M2t
1 A A
+ {( B” _ AJ.I) P, — }
Pe, A“ Pe,
(Al.l - Pel)(Al_Mz - AM2.M2 A )
M2,1
1 AM;,;A“A— Pe,
- —_ 1,M2
F A Pe, BI‘Mz Ai'Mz) A, — Pe, )
AI,M2 - AM2,M2 ‘A

M2.1
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A
1 A2 1 A, .
T W5 Cime T ' - B, - A)———]C, .
{( Pe‘ B[,M2 Ai.MZ) (A A A1 ' F’e1 } (Pe| IR I-l) AL' . Pe' ] At
1.M2 M2m2 T

1 Pe CHZ M} N
- {(75(;—BW2 — A t — P v(A, Y AR
1 A - A 1.1 1 i=2
1.M2 M2,M2 A
M2
C ,
— YKo { Al — Q] (A15)

1+ XA(C'MJ. - 1)+ ).B(C'BJJ. - 1)

Equation (A14) consists of a total of M nonlinear ordinary differential equations
for single component and single section continuous countercurrent adsorption

system and can be soived by Gear's or AdamMoulton’s method along with

Functionatl Iteration method.
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